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Abstract

The ability to separate a suspension into its respective solid and liquid
constituents is an important requirement in the chemical, wastewater and mineral
industries. Typically, separation occurs in open, large diameter tanks known
variously as thickeners, settlers or clarifiers. The design and operation of these
devices have been based, until recently, on kinematic models and macroscopic
mass balances. The problem with these approaches is that consolidation in the
bed is not described accurately and consequently, the area required for thickening
is often grossly overestimated. Recently, Buscall and White [24] proposed a
1-D phenomenological theory of dewatering that encompasses both
sedimentation and consolidation, providing a more solid grounding for
understanding, simulating and optimising dewatering in a range of devices,

including thickeners. ~ This theory identifies two important rheological

parameters; a concentration dependent yield stress, P, (¢) and hindered settling

function, R(g).

Despite representing a significant improvement over a kinematical approach,
Buscall and White’s dewatering theory involves a number of simplifications so
that in practise, simulations often underestimate dewatering in full sized
thickeners [97, 153]. One aspect of thickening that is poorly understood is the
effect of raking. At the base of the thickener, a rake transports the thickened
sediment to the outlet. An additional effect from raking is to increase the average
solid concentration in the underflow [33, 46]. Raking introduces normal and

shear stresses, which cannot be described within a one-dimensional framework.



Therefore, observed differences between predicted and measured thickener

underflow concentrations are attributed to the action of the rake.

The aim of this thesis is to develop a better understanding of how shear stresses
effect compressional dewatering in both pilot and full scale thickening
operations. Before attempting to quantify the effect of shear on dewatering, it
was considered necessary to first establish that the 1-D model was capable of
predicting dewatering in the absence of shear. Up until now, no known studies
have been undertaken to validate the model under controlled conditions. To
approximate one-dimensional flow with no shear, a tall narrow column with no
moving parts was used. Two solid fluxes and several bed heights were studied,
and the outputs from the column were compared with the 1-D model
predictions. The results show that under ideal conditions, the model predicted

the underflow solid concentration to within 10 %.

The effect of shear on dewatering was investigated using a Couette shear device.
Couette geometry was chosen to provide uniform shear. Since in Couette flow,
no normal stresses act in the direction of rotation, the mechanism behind
dewatering can investigated. These experiments showed that shear caused
dewaterability to improve up to a critical shear rate, beyond which dewaterability
was adversely affected. The relationship between this critical shear rate and

flocculation conditions was investigated by using different flocculant dosages.

The shear modified P, (¢, 7/) and R(¢,7'/) can be input to the 1-D model,

thereby incorporating shear indirectly. As a result, the model predicted an order

of magnitude increase in solids flux.

The above procedure was used to characterise the dewaterability of a real

thickener feed as a function of shear rate. The optimum shear rate was

determined by finding the minimum R(¢,7). Then, P (¢) and R(¢) were



input into the thickener model. The predicted underflow concentration could

then be compared against plant data.

Even when shear is taken into account, the model still under predicts the
performance of the thickener. To understand this result, the pilot column work
was revisited since the control over experimental conditions was far greater. To
introduce shear, concentric cylinders were installed in the column and rotated at a
fixed speed. Thus, the effect of shear and bed height on underflow density were
determined at different rates of shear. This showed that the underflow
concentration increased with bed height; a result not expected based on the
model prediction. The effects of shear on underflow density were secondary to

bed height.

The bed height dependence can only be explained if dewatering is not steady but
changes over time. For a four metre bed height the residence time is eight times
longer than a one metre bed. Improvements in dewatering could be related to

time dependent restructuring of aggregates which would result in an associated

change in R (¢) By fluidizing suspensions for times corresponding to the
residence times in the tall column, R(¢) and P, (¢) could be determined, as

functions of volume fraction and time. Aggregate properties including structure
and density were measured before and after fluidization using focussed beam

reflectance measurement (FBRM) and floc density analysis (FDA).
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Chapter 1

Introduction

1.1 Background to Dewatering

The ability to dewater, or separate suspensions into their respective solid and
liquid constituents, is an important requirement in the chemical, wastewater and
mineral industries. The volume of waste generated by these industries can be
massive. For example, a typical Australian iron ore refinery can generate over
3000 tonnes of waste per hour; a rate sufficient to fill the Melbourne Cricket
Ground to 10 metres depth in just two and a half days. Often, solids represent a
small fraction of the total mass. In wastewater processing for example, solids
settle to concentrations typically less than one percent by weight [77]. Therefore,
the potential for water recovery in these industries can be enormous. By
dewatering, the volume occupied by solids is decreased while at the same time
fluid (usually water) is recovered. The concentrated solids may be processed
turther, disposed to land fill or incinerated, while the water is recycled back to the

process.

The minerals industry is particularly reliant on dewatering since most mineral
processing operations (i.e. comminution and beneficiation) occur in an aqueous
environment. Traditionally, mine tailings are discharged directly into settling
ponds where the solids consolidate over time and surface water is
recovered [111]. As mineral deposits become increasingly depleted, greater

volumes of ore must be mined to meet demands, producing even greater

38



quantities of waste. Consequently, the land area required for these disposal sites
can be enormous, leading to a host of environmental and economic implications
[111, 130]. A further problem, exacerbated in dry climates and high altitudes is
water loss due to evaporation. In these contexts, optimizing dewatering has
become increasingly essential both to reduce the land requirement and minimise
water loss. Obviously, these outcomes translate into considerable financial and

environmental benefits [111].

Separation of solid-liquid suspensions, or dewatering, generally occurs in multiple
stages [138]. The stages are differentiated by the driving force which could be
gravitational, centrifugal or mechanical. The first stage usually involves particles
settling under a gravitational field; a process termed thickening. A second
dewatering stage may be necessary if the solids are required in a highly
concentrated state (e.g. for landfill or incineration purposes). Traditionally, this
involved filtration, although centrifugation is increasingly being explored as a
lower cost alternative. In all cases dewatering involves the same principal; the
flow of fluid through a compressible porous medium. However, with filtration
and centrifugation, mechanical or centrifugal forces act in combination with
gravity so that considerably higher compressive stresses are achieved, and higher
solid volume fractions result. The formation of compacted cakes comes at a
premium however, since the costs of purchasing, operating and maintaining
filters are significantly higher than gravitational thickeners; an estimate of 100
times has been suggested [77]. Because the efficiency of filtration improves when
the feed is highly concentrated and homogenous, thickening is an effective and

useful precursor to filtration [10]. Other advantages of thickening include;

— The ability to accommodate highly dilute feeds in which the solid
concentration, mineral composition or throughput could fluctuate

dramatically.
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— Relatively simple to operate and low costs.

— The ability to produce a reasonably dense underflow (an order of

magnitude increase in solid volume fraction is typical).

This thesis will focus primarily on gravitational thickening. However, in most

cases the results and findings can be applied to dewatering in a range of devices.

1.2 Thickening

The separation of solids from suspending fluid by gravity is an age old process.
References dating as eatly as 500 BC, describe ancient Egyptian practices of
digging, washing and settling ores, to recover alluvial gold [22]. Modern
gravitational thickening works by the same principle; solid-liquid separation

driven by density differences between the solid and liquid phases.

Separation usually occurs in open, large diameter tanks, known as thickeners,
settlers or clarifiers. The different names reflect whether it is thickening or
clarification that is the most important objective. Clarification refers specifically
to the removal of fine dispersed particles from a suspension; this may be needed
to comply with statutory regulations, reduce turbidity levels, or recover product.
Conventional thickeners (see Figure 1-1) are large, shallow, tanks that may have
either a flat or a gently sloping bottom. Thickeners may be operated batch-wise,
although continuous operation is more common. Under normal operation, three
distinct regions can be identified; clarification, sedimentation and compression
zones. These are shown schematically in Figure 1-2. Normally, the objective of
thickening is to produce a highly concentrated solid underflow. To meet this
objective without compromising throughput, it is often necessary to rake the bed.
In general, raking and shear effects improve the rate of sedimentation enabling

faster operation. Raking also helps transport thickened material to the discharge
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point, ensuring a constant supply of material to the underflow pump. Rake
design is important as improper design can result in rat holing or short circuiting

of solids which lead quickly to rake torque problems [2].

Figure 1-1 Photograph of a conventional thickener

Solids normally enter the thickener via a centrally located feed well. Continuous
dewatering of suspensions containing a high proportion of fine colloidal sized
particles is difficult because settling rates are prohibitively slow. To circumvent
this problem, high molecular weight polymer is often added. Functional groups
adsorb to the particles and modify the surface chemistry, promoting the
formation of aggregates. The subject of flocculation is considered in Chapter 3.
The particles (or flocs) settle under gravity from the feed well and into a
sedimentation zone below. As the solid concentration increases, particle-particle

interactions slow or hinder the particle’s settling rate. Above a critical solids

concentration, known as the gel point (¢g), the suspension begins to exhibit

solid like properties including a characteristic compressive yield stress, P, (¢).
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The compressibility (strength) and permeability (inversely related to a hindered
settling function) are important material parameters. Together with the free and
hindered settling behaviour of flocs, these form the inputs for thickener
modelling. The mechanisms of sedimentation and consolidation are discussed in
Chapter 2. To measure these parameters, a series of tests are required, since no
single test covers the entire parameter space. Tests include batch sedimentation,
gravity permeation, centrifugation and pressure filtration [39, 57, 58, 98, 154]. While
not comprehensive, these tests have been shown to provide reproducible material

property characterisation for basic thickener, filtration and centrifugation modelling.

Despite the widespread application of thickening, the design and operation of
thickeners is still largely empirical. Traditionally, the design of thickeners has
been based on kinematical methods [87] in which the solid and liquid fluxes are
balanced to ensure that no solids exit via the overflow. This approach is useful
for predicting a minimum thickener dimension or a maximum operating solids
flux for a given thickener size; however, it gives no indication of the expected
solids concentration or the rheology of the underflow material. Kinematic theory

and the application to thickener design are discussed in more detail in Appendix

2.

The ability to predicatively design and operate these devices is the key to
improving the thickening process. Phenomenological theory provides a solid
grounding for understanding, simulating and optimising dewatering in a range of
applications, including gravitational thickening. It is essential that such models
account for compression effects in the thickener bed, as well as the free settling
behaviour identified by Kynch and others [48, 87]. Several equivalent models
and their computational solutions can be found in the literature [5, 17, 21, 23, 53,
92, 94, 156]. This thesis will only consider one such model and its specific

solution methodology [156]; however, it can be shown that all the above models
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derive from the same fundamental basis. The key features (inputs, assumptions

and outputs) of the model are outlined in Chapter 4.

Supernatant —»  Overflow
F ee d > ...........................

Sedimentation Zone

Compression Zone

—|  Underflow

Figure 1-2 Schematic of a continuous thickener showing the different zones

With the development of a thickening model, comparison between prediction
and the performance of operating thickeners is possible. The material specific
inputs to the model can be either measured in the laboratory or on site.
Usher [153, 155] characterised the material in several operating thickeners and
with the measured dewatering parameters as inputs, modelled the dewatering
behaviour of each thickener. The results are shown in Figure 1-3. The predicted
solid flux versus underflow solids concentration reveals that steady state
modelling consistently under estimates the true dewatering performance of the
thickeners [155]. Detailed analysis of the model data also shows that most
thickeners operate in a solids flux range that is limited by the suspension

permeability.
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Figure 1-3 Predicted (solid) and measured (hollow) underflow solids
concentration for several operating solid fluxes in thickeners with
varying cone angles [155]

The results show that the model and plant data can differ anywhere between 2
and 200 fold [123]. To a reader unfamiliar with thickening, this would seem an
extremely poor correlation. Indeed, from any modelling perspective, this would
be a reasonable conclusion, although this outcome is consistent with other results
reported by workers in the same group and reflects the current state of the
art [156]. The fact that good correlation of modelling with operations is observed
for selected cases implies that the model inputs are the root cause of the

discrepancy, not the model.

Careful examination of the results in Figure 1-3 revealed that the differences
depended on two factors; the speed of the rake and the slope angle of the conical
base [155].  Increasing both rake speed and cone angle led to significant

improvements in the measured permeability, while an increased cone angle also
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produced a higher underflow density [153, 155]. As material settled and flowed
down the sloped wall in a converging base thickener, shear forces are imparted to
the flocculated material affecting both sedimentation and consolidation
behaviour. This effect has been investigated in the laboratory by conducting
settling tests in a conical settling vessel [155]. The results show that predicted
settling behaviour (based on dewatering information from an equivalent vertical
test) deviates from the observed settling data; with the suspension in a sloped
vessel settling faster and achieving a lower equilibrium height. The problem with
such an approach is that it is difficult to quantify the shear, and hence

comparisons between the laboratory results and full scale thickening are complex.

Several studies in the literature show qualitatively the benefit of raking to the
dewaterability of a suspension [33, 46, 71, 77, 112, 157]. To reproduce the effect
of raking, it is possible to rotate a variety of implements within a suspension as it
settles [155]. However, as with the sloped settling tests mentioned previously,
these studies also suffer from quantification issues. The exact mechanism(s) by
which rakes or pickets enhance dewatering is not entirely understood. By
selecting different rake designs it is possible to investigate several possible
dewatering mechanisms including shear failure, channelling and the “squeeze”
due to pressure waves generated by the moving rake blade. Vertical pickets,
sometimes fixed to the rake arm, are thought to improve dewatering by providing
an escape path for the fluid. Rotation of the horizontal blades disturbs or
prevents the formation of arch like structures which provide support to the
network causing the sediment to collapse irreversibly [33]. Experimental
evidence shows that a suspension raked with vertical pickets, in fact dewatered
faster than when the same suspension was raked with a horizontal rake [155].
Despite this, the exact role of channelling is still poorly understood and likely to
depend on a range of factors including the type of material, its flocculation state,

and shear regime. This issue is explored further in Chapter 5.
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One approach to understanding the effect of shear on dewatering and hopefully

better predict thickening behaviour, is to quantify the effect of shear on

dewatering by measuring changes in P)(¢) and R(¢) By measuring these

parameters under more representative conditions of full sized thickeners, it is
hoped that the predictive capability of thickener modelling will improve. This

objective forms the basis for the experimental work appearing in Chapter 5.

Another option is to observe continuous thickeners on an industrial scale and
vary operating parameters such as the speed, height, pitch and spacing of the rake
blades. Unfortunately, several practical reasons prevent such studies including; a
shortage of sites able to accommodate the significant disturbance to operation
that such a study would impose; the small range in rake motor speed due to the
large torque requirements; and a lack of sensitivity to these changes because of
limited control over the operating variables. This last point is a feature of most
thickeners operating in the minerals industry. The issues and obstacles of
comparing model predictions against operational outputs are discussed in
Chapter 6. A pilot scale thickener could provide an alternative. Advantages of
pilot scale experiments include lower operational costs, greater control over
experimental parameters and the flexibility to vary these parameters as desired.
Pilot scale experiments in both the absence and presence of shear are reported in

Chapter 4 and Chapter 7 respectively.

A feature of flocculated suspensions is their extreme shear sensitivity. If the

compressibility and permeability of a freshly flocculated sample is measured,

and the sample is sheared and R(¢) and R(¢) remeasured, changes are

observed. The application of shear reduces the network strength so that the
sediment becomes more compressible. More compressible sediments are often

less permeable. To explain this result, shear must facilitate the escape of fluid
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during the settlement and consolidation of the flocs. The densification of
aggregates due to shear is not accounted for in steady state modelling, since the
compressibility and permeability are assumed constant with time. In Chapter 8,
aggregate restructuring over extended time scales relevant to thickening is
considered. The results of this work could explain why steady state thickener
models are unable to predict what appears to be a transient and complex

problem.

1.3 Research Objectives

The overriding objective of this research is to increase fundamental
understanding of thickening and in particular the role of raking in a consolidating
bed. The state of the art in this area represents quantitative comparison between
un-raked batch laboratory experiments and phenomenological modelling (which
gives a generally poor correlation) and empirical observations of improvements in
settling performance associated with shear and raking of sediments. To begin to
quantify some of the role of shear and raking in dewatering, a number of tasks
were undertaken that comprise the key chapters of this thesis. The tasks

included:

— To demonstrate that existing method of characterising, analysing and
modelling dewatering, 7z the absence of shear, are fundamentally correct by
operating a tall pilot scale column under ideal conditions.

— To design a method for quantifying the effect of shear on dewatering and
to identify the critical shear rates which produce maximum dewatering
and develop a relationship between shear, dewatering and particle

flocculation.
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To consider mechanistically how suspensions fail under combined shear
and compressive forces. Knowledge of a failure mechanism has
important ramifications in multidimensional dewatering analysis when
applying computational fluid dynamics methods. Ongoing work on the
multi-dimensional modelling of thickening requires quantitative inputs
that are currently unavailable.

To trial the newly developed shear characterisation method on a full-scale
raked thickener. The aim was to characterise material freshly sampled
from the thickener at different shear rates and simulate thickening
performance based on the characterisation. Predictions and actual solid

underflows may then be compared.

To apply the method to characterise flocculated solids feed (calcite) fed to
a pilot tall column operated under controlled conditions and a well
defined shear rate. The aim is to allow comparison between dewatering
in the column at a known constant shear rate and model prediction based
on an equivalent shear applied during batch settling.

To investigate the possibility of shear densification of flocculated particles
at solid volume fractions less than the gel point. The aim is to update
laboratory techniques to take into account the broad range of solids
concentrations typical of thickening and ensure that these techniques
produce data that is representative of operational thickeners. It was
expected that a new technique would be required in which flocs are
agitated by a counter current water flow for a length of time
representative of a continuous thickener. Changes in dewatering and the
structural properties of flocs can be considered as functions of time,

flocculant dose and shear during flocculation.
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1.4 Thesis Outline

This thesis has been presented in a chronological format deliberately. Often, the
experimental protocols and research direction were dictated by results from
earlier chapters, with the overall objective of shear in mind. For example, the
shear experiments described in Chapter 5 were designed based on knowledge
gained from Chapter 4; specifically that the 1-D model correctly predicted
dewatering for certain, idealised cases. Full scale testing of the characterisation
method was conducted based on the positive outcomes from the shear
experiments of Chapter 5, and so on. Without this logical progression in mind,
the significance and reasoning behind the experiments may be lost. The first
three chapters are devoted primarily to background information concerning
dewatering theory, flocculation and thickener modelling. The information
presented in these chapters will be continually drawn upon in the experimental
chapters which follow. The remaining chapters provide information regarding

procedures, results, and additional theory not covered in the first three chapters.

Chapter 2 presents an overview of modern dewatering theory and its applications
to thickening. Topics discussed include a phenomenological description of
sedimentation and consolidation, generally valid for any dewatering process.
Laboratory methods for measuring the dewatering parameters including transient
settling, batch settling and filtration are detailed and dewatering analysis is

explained.

Chapter 3 reviews the important theory of particle aggregation. Given the
importance of flocculation to efficient dewatering, and the dependence of the
experimental results, flocculation is explored in some detail. Mechanisms of
particle aggregation, factors influencing flocculation and methods for flocculating

in the laboratory are discussed A basic understanding of flocculation is essential
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in order to understand the results appearing in later chapters, which consider the
effect of flocculation conditions on dewatering as a function of shear rate, for
example. In the final section of Chapter 3, the dewatering behaviour of two
flocculated systems (calcite and kaolin) is presented using the established
characterization and analytical tools introduced in Chapter 2. In this way,
flocculation performance is assessed and optimum flocculation conditions
identified. Note however, that these characterization tools do not account for

shear effects.

Chapter 4 describes the operation of a tall narrow pilot column. In the first
instance the column was operated without any externally applied shear (i.e. no
moving components or rakes). The compressive rheology of the flocculated
calcite feed was characterised using methods discussed in Chapter 2 and model
simulation allowed the predicted values to be compared against experimental
data. This was done for a range of operating conditions. The objective of this
work was to establish that the model accurately predicted dewatering in the

absence of shear.

Chapter 5 describes a novel technique for characterising suspension dewatering
by applying shear. A Couette geometry was used to accurately quantify shear
rates. Dewatering data was measured as a function of shear rate and flocculant
dosage so that changes in dewatering due to shear could be quantified and the
thickener remodelled. For each flocculant dose it is possible to identify a critical
shear rate at which dewatering is optimised. Finally, a comparison between
Couette and raked settling tests allowed a postulate for a dominant dewatering

mechanism.

Chapter 6 describes the application of shear to characterise a freshly flocculated

feed sampled from an industrial operating thickener with a rake. The suspension
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theology, i.e. P, (¢)and R(¢) is determined in both the absence and presence of

shear forces and dewatering simulated based on a zero and optimum shear rate
(as determined by the Couette shear experiment). It is hoped that by accounting
for shear during the characterization, the subsequent modelling efforts will be
improved. This is tested by comparing the model prediction incorporating shear

to the underflow solids concentration produced by the thickener.

Chapter 7 extends the model validation attempt presented in Chapter 4 by
introducing shear into the column. The operation of the column is discussed
including improved control methodology. The results from the column and the

model prediction accounting for shear are compared.

Chapter 8 considers dewatering of flocculated suspension at solid concentrations
less than the gel point, which are subjected to mild shear for an extended period
of time. A fluidization technique is developed to keep the solid concentration
constant. The flow of water through the fluidized bed gently massages the flocs
and changes their structure. Several techniques were employed to measure these
structural changes as a result of this gentle shear. The compressive dewatering
parameters were measured as a function of flocculation conditions, (flocculant

dosage and shear rate) and the time of fluidization. Thus, it is possible to

parameterize R(¢) and P, (¢) with time.

Chapter 9 summarizes the key findings and identifies avenues for future research.
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Chapter 2

Dewatering; theory, characterisation and analysis

2.1 Introduction

This chapter provides background to dewatering theory by considering the
mechanics of sedimentation and consolidation. Mechanically, these processes are
similar; both are driven by gravity and resisted by a hydrodynamic drag. They
differ only by the presence of a network stress term in the consolidation force
balance.  Consequently, the same equations (mass and linear momentum
balances) apply equally to both sedimentation and consolidation when combined
with appropriate constitutive relationships for the interphase drag and solid
stress. Experimental methods for determining these relationships are integral to
dewatering analysis and any subsequent modelling efforts. These methods and

their limitations are outlined.

2.2 Dewatering phenomenology

The phenomenon of dewatering is demonstrated by the simple batch-settling
test, shown in Figure 2-1. A cylinder is filled with a suspension of small particles

(relative to the cylinder diameter). The suspension is initially homogeneous, with
a solid volume fraction ¢,. Over time, the particles settle due to a net buoyancy

force. Consequently, a shock or discontinuity develops between the particles and

supernatant; which is manifest as an interface, /(t) (see Figure 2-1 F-H). The
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particles settle until reaching the bottom of the cylinder where a loose bed
structure forms. Therefore, at any time three distinct regions can be identified in

a sedimentation process; supernatant, hindered settling, and bed zones.

Particles continue to settle from the hindered settling zone until eventually only
the bed and supernatant regions remain (Figure 2-1 I). If the particles were force
free hard spheres, dewatering will end at this point. However, most flocculated
systems are compressible to some extent, and therefore, dewatering will continue
as a result due to failure under the weight of the bed. Compressive and shear
stresses can cause significant deformation of the bed resulting in volume change;

a process termed consolidation (Figure 2-1 J).

Figure 2-1 Settling of flocculated suspensions from Coe and Clevenger [32]
showing the different zones in thickening; (A) clarified water

zone (B) zone of initial concentration (¢,) (C) transition zone
(D) consolidation zone

2.2.1 Sedimentation

Under dynamic equilibrium conditions, sedimentation involves the balance of

three forces, namely gravitational, F, buoyancy, F, and hydrodynamic drag, F, ;

3
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F,+F,+F,=0 2.1

The hydrodynamic drag results from fluid flow past the particle and consists of a

normal component caused by fluid acceleration and a tangential component
arising from surface friction [90]. In 1861, Stokes determined F, for a single
particle settling in an infinite medium. Using the equations of motion, Stokes

showed that under creeping flow, F, is given by the following expression;
F,=6rury, 2.2

where r, is the particle radius, u is the fluid viscosity and v, is the fluid

approach velocity.

The gravitational force F, is determined from the weight of the solid particles,

while the buoyant force F,, is the simply the weight of displaced fluid.

Fy =§m,fpsg 2.3)
4 s
Fy =—§7Z1’p P8 (2.4)

where g is the gravitational acceleration, p, is the density of the fluid phase and

p. is the density of the solid phase. Substituting equations (2.2), (2.3) and (2.4)
into equation (2.1), yields Stokes Law for the terminal velocity of a single
particle, u_;

d *Apg

u, =—-—= 2.5
ST (2.5)
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Stokes law applies to the low Reynolds limit ie. Re, = <1. For

Re, >0.2, inertial terms become significant and an empirical interphase drag

coefficient (C,) is required;

Fp =%pf u Cp A (2.6)

where A is the cross sectional area of the flow.

2.2.2 Consolidation

Originally, consolidation was of interest primarily to geotechnical and civil
engineers concerned about the strength and stability of structural foundations,
embankments and tailing dams. Consolidation is the process of reducing the
water content of a volume element of soil or sediment by applying a force. In
general, an incremental stress increase causes a volume change in one of three

ways;

— compression of individual particles,
— compression of fluid

— compression of a particle network

Because fluid and solid particles are significantly less compressible than the
particle network, the particle and fluid phases are treated as incompressible.
Then, any volume change is due entirely to the failure and realignment of

particles within the network.
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The mechanics of consolidation can be described by way of an analogy.
Consider a cylinder (with cross sectional area A) that contains fluid, a spring and
is sealed by a moveable piston with a valve (see Figure 2-2). The spring
represents the compressible particle skeleton, the fluid, the interstitial pore water,
while the valve diameter corresponds to the permeability of the sediment, which

in this model is constant.

/)
A, !

Figure 2-2 Consolidation analogy with loaded spring. Reproduced from
Craig [38]

If a force (F') is applied, the volume of the cylinder does not change since the
fluid is incompressible. The piston is stationary and no force is transferred to the

spring. Instead, the load is borne entirely by the pore water, so that the fluid

pressure u increases above a datum by Au , where Au is given by 1

If the valve is suddenly opened, the excess pore pressure forces fluid from the
cylinder, so that the piston can now descend and the load is transferred partially
to the spring. Fluid continues to drain until the excess pore pressure reduces to

zero, at which point the load is entirely supported by the spring. The stress on

the spring is the effective solid stress P, the load on the piston, the total stress

P, and the difference is the excess pore pressure.
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P=P, +Au

2.3 Modern dewatering theory

In 1987, Buscall and White [24] proposed a unified theory describing
sedimentation and consolidation of flocculated particles. The theory identifies

three important properties governing dewatering; the compressive yield stress,
P (¢), hindered settling function, R(¢) and solid gel point, ¢,. Collectively,
these constitute the compressional rheology of a suspension. The compressive
yield stress is analogous to the shear yield stress, and determines the strength or
extent a suspension will dewater. The hindered settling function R(¢),
quantifies the hydrodynamic resistance and thus governs the rate at which water
escapes. Thus, R(¢) is analogous (and inversely related) to the Datcian

hydraulic conductivity K. The gel point is the critical solid volume fraction, at
which individual particles or aggregates first “touch” to form a continuous load
bearing network structure. Thus, the gel point determines the onset of

consolidation for compressible flocculated suspensions.

2.3.1 Hindered Settling Function

In a concentrated suspension, long-range hydrodynamic interactions hinder the
relative movement of particles through fluid. The interphase drag is a complex
entity, depending on fluid viscosity, local solid volume fraction, particle size and

shape, and suspension microstructure.

Landman and White [92] account for particle-particle interactions through a

concentration dependent parameter, known as the hindered settling factor, r(¢)

The hindered settling factor quantifies the hydrodynamic drag in a volume

57

(2.7)



element of suspension by correcting for the deviation from single particle settling
uOO

u(4)

u(¢)is the velocity of particles settling in a suspension with an average solid

dynamics, i.e. r(@)= (1—¢). where u,, is Stokes settling velocity and

volume fraction ¢. A typical plot of r(¢)(Figure 2-3) displays the following

properties;

lim 7(¢) — 1
¢—0

lim 7(¢) — oo
p—1

2.8)

r(o)

Figure 2-3 Hindered settling function as a function of solid volume fraction

The hindered settling factor therefore quantifies the hydrodynamic drag in a

volume element of suspension at local solid fraction ¢ ;

F, Y ¢¢r(¢)(u—v) 2.9)
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where V,= the volume of a particle while (u—v) is the relative particle-fluid

velocity.

The interphase drag coefficient C,, and the particle volume V, are difficult
parameters to determine experimentally, especially for fractal aggregates at

concentrations above the gel point. Hence, C), and ¥, are commonly combined

with 7(¢), to yield the more convenient hindered settling function, R(¢) [92]:

R(¢):%r(¢) (2.10)

For ideal systems, the hindered settling factor can be calculated theoretically.
Batchelor [9] for example, calculated r(¢) for a monodisperse suspension of
spheres to first order in ¢. Higher order approximations are possible, however,
microstructural complexities make computing r(¢) for real systems impractical
[97]. Consequently, in practice R(¢) is determined expetimentally. For a variety

of suspensions, R(¢) data has been correlated by the following functional forms;

R(g)=w(l-¢) "

2.11
R(p)=we™? e

where w and m are constants. The above functions are by no means
comprehensive. Efforts to expand upon these functional forms in order to

describe a wider body of materials, is an ongoing area of research.
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2.3.2 Compressive Yield Stress

The compressive yield stress, P, (¢), is an important property characterising the

strength of a particle network subject to uniaxial compression. The compressive
yield stress is the pressure at which a flocculated suspension, at solid volume

fraction ¢, can no longer support the load elastically. The compressive yield
stress is related inherently to the strength, type and density of inter-particle

bridging forces. The strength of flocs and therefore P, (¢) can be modified at

constant ¢, either by changing the type of flocculant or increasing the flocculant

dosage.
Py¢)
% ¢
Figure 2-4 Compressive yield stress curve as a function of solid volume
fraction

The gel point, ¢, is intrinsically linked to P, (¢). When the solid volume

fraction is less than the gel point, the particles or aggregates are not inter-
connected and therefore there is no mechanism for transmitting stress. In other

words, the effective stress is zero, and the pressure is hydrostatic. Particle

60



collisions still give rise to a particle stress, which has been shown to be

thermodynamically equivalent to the osmotic pressure, P [24]. However, the

short-range nature of P means that other than within the bed, the effect of P,

is negligible compared to the gravitational potential.

At solid volume fractions above the gel point, the effective stress steps to a finite

value. The bed takes on the properties of a solid, including the ability to resist

deformation elastically, characterised by a yield stress, P,. At the top of the bed,

the effective stress is zero by definition and the solid volume fraction is equal to

the gel point. If the effective stress (P) is less than Py(¢), energy is stored
elastically within the particle network configuration. If P exceeds R(¢) the

network consolidates irreversibly to a higher ¢, fluid drains and additional bonds

form so that the network is strong enough to support the load [57].

The salient features of P, (¢) are demonstrated by Figure 2-4. For ¢ < $,, P, (¢)
is identically zero, while ¢=>¢ , P)(¢) increases monotonically with ¢, and

asymptotes to a close packed concentration ¢,,. The compressive yield stress

data can be fitted by the following functional forms;

g

¢n
P =k
, (9) [ﬂm—¢J

P,(¢) = k¢"

Py(¢)=k(¢i—1}
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where k and n are fitting constants. The kinetics of collapse is thought to obey

the following rate equation;

Dy _
o (2.13)
=x())[R-P(#)] R=P ()

The parameter x, is the dynamic compressibility, governing the rate failure
occurs. If the kinetics of consolidation are assumed to be limited by the drainage

rate, and not the rate of bond rupture and reformation, it can be shown that the

value of x is large [24]. Thus equation (2.13) can be restated as P, =P, (¢): in

other words, failure is so rapid that the network stress never greatly exceeds the
yield stress. In this model, the collapse is assumed irreversible. While some
materials, L.e. clays, can swell slightly when the stress is removed, the bulk of
experimental evidence supports irreversible consolidation, especially when the

material is strongly flocculated.

Particulate suspensions or filter cakes consisting of large particles do not
necessarily exhibit the compressional behaviour shown by Figure 2-4 since the
particle interactions in this case are dominated by frictional forces. However, for

a large number of mineral systems, where particles are typically fine and

flocculated with high MW polymer, P, (¢) does increase monotonically with

solid volume fraction as shown by Figure 2-4. Fach system studied in this thesis
displays this behaviour; i.e. elastic when deformed at stresses less than a critical

yield stress.
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2.3.3 Continuous thickening
To simulate dewatering, mass and linear momentum balances for the solid and
liquid phase, in combination with constitutive equations for R(¢) and P, (¢) are

solved over the height of the thickener. This approach has been described by
numerous workers to predict dewatering in continuous flow thickeners [19, 40,
52, 80, 94]. The following is based on the analysis presented by Landman and co
workers [92, 94].

The force balances on a volume element of fluid and particles are respectively;:
OR(¢)(u—v)+(1-¢)Vp, +(1-¢)prg =0 (2.14)
BR($)(u—v)+ VD, + pypg =0 (2.15)

Dividing equations (2.14) and (2.15) by (1-¢) and ¢ respectively and
subtracting the resulting equations, generates a force balance in terms of drag and

effective stress;

—%R(¢)(u—v)—V%+Apg¢:0 (2.16)

where Ap = ( p.— P f) . The solid and fluid phase continuity can be expressed by

equations (2.17) and (2.18) respectively;

o _
LV (gu)=0 (2.17)
a(l_qj)w-[(l—qj)v]:o (2.18)

ot
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Addition of equations (2.17) and (2.18) yields V[ gu+(1—¢)v | =0 which when

integrated, yields an expression for the volume average velocity, ¢(t);

q(t)=pu+(1-¢)v (2.19)

In batch settling, q(t) is zero, while in continuous thickening q(t) corresponds

to the volumetric velocity of the solids settling in the thickener.

2.4  Characterisation and dewatering analysis

The practical application of dewatering theory is limited without means for
determining the compressive rheology. The compressive rheology is material
specific and therefore must be measured experimentally. Hence, the emergence

of dewatering theory has spurned a concerted effort to develop techniques for

measuting P, (¢) and R(¢) in the laboratory [57, 58, 91, 95, 96, 154].

Characterising the rheology of a suspension can be instructive. Doing so can
demonstrate the fundamental effect of chemical addition on dewatering and help
identify optimum flocculation conditions. Aziz et al [7] characterised model
alumina suspensions and industrial water treatment sludges using pressure
filtration. Dewatering was quickest when the alumina suspension was at its iso-
electric point, while water sludges dewatered quickest when dual dosed with alum
and polyelectrolytes. Polyelectrolytes favourably alter the dewatering
characteristics of alum treated sludges [77] however changes in compressibility
were insensitive to the type and dosage of polyelectrolytes. Johnson et al [77]
state this is due likely to the organics (humic and fulvic acids) bound to the
surface of the AI(III) precipitates making the sludge resistant to chemical

conditioning.
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Perhaps the greatest challenge associated with characterising the suspension

rheology is the large range over which the compressive yield stress and hindered
settling function can vary. It is not uncommon for R(¢) to vary by three orders
of magnitude for small increases in ¢. At present, no single experiment can

provide data across the entire range of solid volume fraction relevant to
thickening. Instead, data obtained from several different experiments must be

combined.

Generally, dewatering experiments can be classified according to the pressure.

Low-pressure experiments including transient and equilibrium batch settling tests
determine R(¢) and P, (¢) at low solid volume fractions relevant to gravity
thickening.  Information at higher solid volume fraction is available from
centrifugation and pressure filtration tests. Gravity permeation [90] is a useful
technique for determining R(¢) at intermediate solid volume fractions. In this

thesis batch settling and filtration were primarily employed. The theory and

analysis of these tools are presented in the following section.

2.4.1 Transient Batch Settling

Transient batch settling tests are conceivably the simplest possible dewatering
experiment. For years, batch settling tests have been used to design thickeners
and assess flocculant performance. The advantage of batch settling tests is they
are simple to operate, with no specialised equipment required. The main

disadvantage is that the information obtained from these tests was in the past

restricted to the initial solid volume fraction only. For ¢, less than ¢, the force

balance can be rearranged and R(g,) solved directly;
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Apg(1-y )’

R(¢) = nes

For non-aggregated systems, determination of R(¢) is straightforward, as

suspensions can be preparing at increasing ¢, and u(¢0) measured. However,
for aggregated systems this approach does not work as it is not possible to
produce the same flocs when the initial solid volume fraction is different. The
alternative of flocculating at constant ¢ and then varying the concentration by

adding or removing water is equally unfeasible, since consolidation of the flocs
will inevitably occur. Therefore, the only remaining option is to measure the

suspension rheology insitu.

2.4.1.1  Transient Settling Analysis

Transient settling tests contain important information regarding the dewatering
dynamics of dilute suspensions, typically encountered in thickening. The
information available ranges from the initial concentration up to some maximum

concentration, expressed in the test. A challenge, as mentioned above, involved
determining the interphase drag function or R(¢) directly from the settling
curve. This problem was recently addressed by Lester [98] who described a

method for estimating R(¢) by solving analytically the associated inverse

problem, ie. h(t)= f(¢) where f(¢) is the solid flux function

$(1-4)" Apg
R(¢)

only available for ¢ less than ¢,. For ¢ greater than ¢, , the solution must be

f(¢)=gu=

Analytical solutions of the solids flux function are

obtained numerically.
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For ¢ <, , the conservation law (equation (2.16)) reduces to;

9,9

= f(¢)=0 @21)

To guarantee a unique solution, an entropy condition is enforced. This leads to

several modes of settling including shocks, contact discontinuities and rarefaction
waves. The amount of R (¢) information contained within A (t) depends on the
particular mode of settling. The maximum amount of information, ie. f(4);
#, <P <@g, 1s obtained when settling occurs as a rarefaction wave (mode 3).
The mode depends on ¢, and the form of the individual flux curve. For further

details, the reader is referred to Lester [97].

2.4.2 Equilibrium Batch Settling

Equilibrium batch settling provides a convenient way of measuring the
compressive yield stress at comparatively low pressures relevant to thickening.

An estimate of the gel point is also obtained. The technique involves a series of
equilibrium batch settling tests, with either different @, or A,. This can be used

to plot height data as a function of total solids in the cylinder. This approach has

been described by several authors [56, 115, 149]. Green [56] assumed an average
solid volume fraction in the bed when calculating P, (¢), which is unlikely at low
pressures. Tiller et al [149] estimate P, (¢) based on knowledge of functional

forms, while Lester [97] recently described an analytical method which improves

upon the simplifications and limitations inherent with the alternative methods.

This method was used to estimate the gel point and P)(¢) from settling data

throughout this thesis.  Essentially the problem involves establishing a
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relationship between equilibrium height, gel point and the compressive yield

stress. For further detail the reader should refer to Lester [97].

2.4.3 Pressure Filtration

Pressure filtration has been increasingly employed to determine compressibility

and permeability of concentrated suspension [7, 11, 57, 58, 95]. The technique

involves loading a sample, initially at concentration ¢, into a cylindrical cell, at an

initial height /,. A piston applies constant pressure and fluid is forced through a
permeable membrane that is supported by a stainless steel sintered base. A cake
builds up from the bottom of the cylinder with a solid concentration profile
ranging from ¢ =g, , at the membrane, to ¢ =4, , at the top of the cake. This
stage is known as cake formation. Assuming that the membrane resistance is

zero and that pressure is applied instantaneously filtration theory predicts a

quadratic relationship between filtration time and filtrate volume. Under these

circumstances the transient filtration behaviour is exactly quadratic for ¢, <d,,

and approximately quadratic for ¢, >¢, [93]. In certain systems (for example

large, coarse particles), the traditional methods for the extraction of
compressibility and especially hindered settling function information can not be

applied [136]. However, for filtration of the fine flocculated systems studied in

this thesis, this theory is adequate. Hence, plotting ¢ vs. V> should yield a

-1
t
j is designated B° [92].

straight line. The inverse of the slope of this line, (dVZ
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Figure 2-5 Stepped Pressure Filtration Apparatus taken from [154]

Eventually, the rising cake meets the piston marking the end of cake formation

and the onset of compression. The transition happens at time ¢ , and is detected

by deviation from linearity in ¢ vs. ¥, with V' instead decaying exponentially.

Concentration gradients vanish so that the solid volume fraction is everywhere

equal to ¢, the concentration corresponding to the applied pressure (AP). The
doho
h

00

equilibrium volume fraction ¢, is determined from ¢, = Systematically

increasing AP, yields the compressive yield stress as a function of solid volume
fraction [56-58]. The hindered settling function may also be determined from

linearized filtration theory;

RG)= G—ﬂ(l—%)z
dap
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A major limitation of filtration is the time scales involved. Reaching equilibrium

can take several days or more; hence, evaluating P, for a range of pressures

would require several weeks. To circumvent these problems, de Kretser [39] and
Usher [154] developed a stepped pressure filtration device. This technique

reduces considerably the time required to measure the compressibility and

permeability for a range of pressures. Using stepped filtration, P, (¢) and R(¢)

are determined in a matter of days, rather than weeks, a significant improvement
on traditional centrifuge and single stage pressure tests. Rapid measurement is
important because it increases the potential for “real-time” optimization of
filtration and characterisation of materials which exhibit time dependent

behaviour.

In certain cases stepped pressure filtration can result in a different measurement
compared to single pressure filtration experiments; with the liquid pressure
profiles differing in each case. This is especially true for systems that exhibit time

dependency or are highly impermeable and compressible since these materials

may not show linear ¢ vs. V? behaviour. However, for the fine flocculated
systems studied in this thesis, the differences between stepped and single pressure

filtration have been found to be negligible [39].

2.5 Conclusions

In this chapter, the phenomenology of dewatering was outlined including
descriptions of sedimentation and consolidation mechanics. A force balance
model identified three important parameters; the compressive yield stress,
hindered settling function and gel point. Because these parameters are material
specific and cannot be easily predicted, they are usually determined

experimentally. Experiments were described and the analytic tools available for

70



extracting P, (4) and R(¢) from settling height data were introduced. Using

these tools, dewatering behaviour at different solid flux and bed heights can be
simulated and flocculation performance assessed. This shall be addressed in the

following chapters.
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Chapter 3

Aggregation, suspension dewatering and its
characterisation

3.1 Introduction

The aggregation of fine particles is widespread in colloidal suspension
dewatering.  Aggregation produces “flocs” which settle at nominally higher
velocities compared to individual particles, a consequence of an increased ratio of
mass in the floc to surface area. Thus, aggregation helps to overcome the
characteristically slow settling rates and filtration times, which would otherwise
inhibit continuous sedimentation and filtration processes [116]. Once settled,
flocculated sediments are generally more permeable allowing thickeners and

filters to operate at higher throughputs [116].

Countless studies of particle aggregation, both experimental and theoretical, are
reported in the literature. Topics include; aggregation kinetics and evolution of
floc size and structure [12, 134, 139], the relationship between polymer
conformation and adsorption kinetics [169], and the role of chemistry and
physical condition on flocculation [74, 81, 109]. These topics are, to a large
extent, interrelated. For example, polymer adsorption depends on reagent type,
particle size and solid concentration and influences aggregate size and structure
[67, 120]. Likewise, aggregation rates depend on the frequency of inter-particle
collisions, which are governed by hydrodynamic conditions and floc structure

[85, 806], ultimately determining the maximum size, morphology and density of
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the aggregate. Thus, while aggregation appears simple in concept, the reality is

decidedly more complex.

Floc size, structure and density measurements provide a direct basis for assessing
aggregation performance; however, because of their simplicity, indirect indicators
such as settling rate and turbidity are common. While such parameters are
important, they do not quantify dewatering, nor do they predict how a thickener
will perform under different operating conditions. By only focussing on settling
rate or floc size, overflow clarity and throughput may improve; but the
dewaterability of the sediment and ultimate underflow solid concentration is not
determined. To be comprehensive a flocculation assessment should incorporate
both compressibility and permeability measurements across the range of volume

fractions expressed in the thickener.

The aim of this chapter is to investigate the relationship between aggregation
conditions and suspension rheology.  Before presenting results, a brief
background to aggregation is provided, including techniques for producing flocs

in the laboratory.

3.2 Flocculation

Aggregation is a process in which two or more particles collide and attach to
form loose, fragile structures known as “flocs”. Aggregation generally comprises
three stages; destabilisation, floc formation and floc degradation [68]. Particle
destabilisation can occur in a number of ways. One method involves addition of
electrolyte, effectively compressing the double layer and reducing the energy

barrier. A suspension destabilised in this way is said to be coagulated.

73



The alternative to coagulation is to use high molecular weight polymer or
polyelectrolyte to flocculate the particles. Flocculation has become increasingly
common in dewatering; most thickeners feeds are now dosed with high
molecular weight polymer, in addition to inorganic salts. Consequently, large

improvements in stability, clarity and throughput have been reported [106, 107].

3.2.1 Mechanisms

There are two methods by which polymer molecules adsorb to the surface;
hydrogen bonding, and electrostatic interaction. There is some dispute in the
literature over which mechanism is more prevalent, however, it is generally
accepted that both adsorption and desorption processes are involved.
Interpreting flocculation is complicated because polymers are charged entities
themselves, so electrostatic interaction is possible. In some cases, destabilization

occurs because polymer has neutralized the surface charge of the particle.

3.2.1.1  Electrostatic patch effect

One possible mechanism for flocculation involves polyelectrolyte adsorbing to
oppositely charged areas of the particle creating a localised “patch” of reversed
charge [59]. The free surface retains the original charge. The charged patches
then interact electrostatically with opposite charges on other particles as shown in
Figure 3-1. Charge patch flocculation is most likely to occur when low molecular

weight polymers with high charge density are used.
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Figure 3-1 Charge patch mechanism adapted from Gregory [59]

3.2.1.2  Bridging mechanism

For high molecular weight polymers, it is likely that polymer adsorbs to multiple
sites. In this case, the polymer acts as a bridge between particles. The theory of
polymer bridging was originally postulated by Ruehwein and Ward [122] who
observed aggregation of clays with polyelectrolytes. Further contributions were
made by La Mer and Healy [63, 88, 122]. An important consequence of bridging
flocculation is that the flocs are much larger and stronger than those formed by
other mechanisms; for example, Tambo and Hozumi [141] estimated that clay
flocs produced with a high MW non ionic polymer were 48 times stronger than

when coagulated with alum.

To be effective, it is important that the polymer adsorbs to the particle in a
conformation such that sufficient polymer molecules remain available to adsorb
to other particles. If the polymer coverage is too high, additional bridging
opportunities are reduced and the particle is described as sterically stabilised. The

mechanism of polymer bridging is shown schematically in Figure 3-2.
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Figure 3-2 Polymer bridging mechanism [117]

3.2.2 Flocculant Synthesis

Flocculants are synthesised via chain polymerization.  Unstable initiator
molecules (e.g. 2,2'-azo-bis-isobutyrylnitrile, Cl, and benzoyl peroxide) undergo
homolysis or photolysis generating radicals. These radicals then attack the
monomer producing an activated monomeric species which can react with
additional monomers to create a polymer [3]. The reaction is terminated either
via coupling of two radicalized monomers, or disproportionation, the exchange
of protons to form two terminated chains [3]. Figure 3-3 shows the

polymerisation of acrylamide.

——CH H X
o= —{re—E)
(]

— R |
cC——=0
T " I
NH
2 NH,
Figure 3-3 Polymerization of acrylamide
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3.2.3 Factors influencing flocculation
3.2.3.1  Polymer type

Water soluble polyacrylamide and their ionic derivatives are common synthetic
flocculants [106]. Synthetic polymers are preferred over natural flocculants as the
ionic character, molecular weight and chemical structure can each be tailored to
the requirements of individual applications. Within the mineral industry,
conditions can vary from highly alkaline (Bayer process) to highly acidic (acid
leaching) requiring polymers with different properties [105]. Use of synthetic
flocculants is not limited to dewatering however, applications also exist in dust
control, rheology modification, mineral beneficiation, and tailings disposal [35,

106]

Figure 3-4 shows examples of a few common flocculants with varying ionic
character. Often, mineral flocculants are copolymers of acrylamide and sodium
acrylate. Acrylamide is highly versatile as it reacts with a number of different
monomers, in any ratio desired, to produce copolymers ranging between 100%
anionic and 100% cationic character [106]. Because of the negatively charged
carboxylate groups on the acrylate monomer, polyactrylate/acrylamide
copolymers are anionic, the extent of which depends on the ratio of acrylate to

acrylamide.

The role of each functional group is different. While in principle, both amide
and carboxylate groups could adsorb to the particle, evidence suggests that it is
the amide groups, which are primarily responsible for adsorption [35].
Comparison between acrylamide homopolymer and 25% acrylamide and 75%
dimethylacylamide copolymer, showed lower flocculant activity in the methyl-
substituted polymer than the acrylamide homopolymer. The carboxylate is

thought to extend the polymer chain by electrostatic repulsion between negative
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COO' groups. Thus, activity of flocculants containing acrylate will depend on

pH.

ANIONIC JVHchgjL TLHchéf

OH

o- Ne " ‘

Sodium polyacrylate “3“2
O—$—0
‘ ‘ Na
o
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-
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2

CH, a O so,
Methyl chloride quaternised Dimethyl sulphate quaternised dimethyl
diethyl ammonium ethyl ammonium ethyl polymethacrylate
polyacrylate
Figure 3-4 Examples of anionic, non-ionic and cation polymer flocculants

3232 pH

Polymer conformation and therefore activity, strongly depends on solution pH.
Solution pH affects both rheology and chemistry of the polymer chains [16, 61].
At low pH, carboxyl groups are fully protonated and the polymer can coil. When
the pH is increased, the carboxyl groups begin to lose their protons so that
electrostatic repulsion causes the polymer to uncoil, see Figure 3-5. The amount

of uncoiling can be determined from intrinsic viscosity measurement. The
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intrinsic viscosity [77] is the limiting value of reduced viscosity at infinite dilution.

A high [#77] indicates that a polymer is uncoiled [116].

The pK, of acrylic acid is 4.25, therefore at pH 7 the ratio between the conjugate
acid-base pair is 560:1. At pH 5 the ratio is 5.6:1, while at pH 3 the polymer is
almost completely hydrated. Because of the loss of charge at low pH, the
flocculant will coil and depending on the anionic character, may precipitate. This
is obviously an undesirable outcome, and therefore, non-ionic polymers are more
suitable for flocculation at low pH. Up to pH ~ 10, the performance of non-
ionic flocculants is constant as there are no carboxylate groups. For pHs
between 6 and 8, moderately anionic polymer should produce optimum results.
At pH above 11, hydrolysis of amides compete with adsorption, so highly anionic
flocculants are more suitable. Poor performance of anionic polymers at low pH

can be improved by replacing carboxyl groups with a stronger acid i.e. sulfonic

acid.
©) O] ©) ©)
/\/\/\/\ pH=7
©) ©) ©)
pH=3
Figure 3-5 pH dependence of polymer conformation
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3.2.3.3  Molecular Weight

The molecular weight (MW) of a polymer is important, particularly in bridging
flocculation, since the longer the chain, the more bridges should result. A less
desirable consequence of increasing the MW is that the solution becomes more
viscous. In practice, an upper MW limit exists, because efficient dispersal of
polymer becomes difficult in highly viscous solutions. A further consideration is
that as the molecular weight increases the number of polymer molecules per unit
volume decreases. It is possible that for high MW polymers, the number of
chains is less than the number of particles, resulting in generally poor

flocculation.

3.2.3.4  Solid concentration and particle size

The suspended solids volume fraction and particle size distribution effects
flocculant dispersal. As the percentage of solids increases, uniform dispersal of
flocculant becomes increasingly difficult and the flocculant demand on a mass
per tonne basis increases as a consequence. Particle size changes show similar
results — a small increase (< 10%) in fines fraction can double the flocculant

consumption [105].

3.2.3.5  Flocculant dilution and dose

Flocculant dilution is an important consideration. Generally, the more dilute will
the faster the settling rate and the lower the turbidity. This effect follows similar
reasoning to the solids concentration; dilute solutions are less viscous and thus
mix better. This reduces the tendency for poor distribution of polymer and local
overdosing. Flocculant dose is equally important. A higher dosage, normally
expressed as the mass of polymer per mass of dry solid, corresponds to a higher
number of polymer molecules per volume of suspension. As a result, more

particle bonds can form and the overall strength of the aggregate increases. As
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shall be seen later, this result has important implications for suspension

dewatering.

3.3 Laboratory methods of flocculation

There are several methods for producing flocculated material. These can be
either batch or continuous and include simple plunger tests, stirred baffled

reactors, pipe reactors and Couette shear reactors.

3.3.1 Batch Flocculation
3.3.1.1  Plunger Tests

The simplest method of flocculation is the plunger test. The plunger involves
injecting a known volume of polymer into a measuring cylinder containing
suspension and then moving a flat perforated disk (plunger) up and down a
number of times. This forces the suspension through the narrow orifices,
creating turbulent jets, which promote mixing. The main advantage of plunger
tests is that they are simple to operate and require no specialised equipment,
making them ideal for test work onsite. The drawbacks include poor mixing,
resulting in low flocculation efficiency and local overdosing of polymer.
Furthermore, shear rates are variable, operator dependent and difficult to

quantify.

3.3.1.2  Baffle Reactor

Stirred baffled reactors are relatively common in flocculation studies, with a
number of studies appearing in the literature [30, 49, 135]. The design of the
stirred reactor is straightforward, and based on the standard tank configuration

proposed by Holland [72, 86]. The reactor consisted of a flat-bottomed vessel,
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with four equally spaced baffles reducing vortex formation, while an overhead
motor and impeller provide agitation (see Figure 3-7). Several impeller types are
available; including paddles, picket gate, flat radial blades, and axial blades, each
producing slightly different hydrodynamic flow fields. The effect of different
impeller type and hydrodynamic conditions on floc size and structure was

recently investigated by Spicer [133].

The advantages of stirred baffle arrangement include its simplicity and the
relatively small sample requirement. Flocculation tests can be performed by a
single operator in the laboratory or on-site. The effect of physical conditions
including temperature, pH and shear rate can be easily investigated. The
disadvantages include the highly heterogeneous shear field which produces
aggregates of varying sizes; and the inability to flocculate sufficient volumes

required for continuous studies.

The hydrodynamics of turbulent mixing in stirred vessels is characterised by the

following parameters [36];

— Reynolds number (Re) ;

ND?
Re = L
Vv

where N is the impeller velocity, v the kinematic viscosity and D, is the

impeller diameter.

— and a globally averaged velocity gradient (G) [26];
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P
o-(2) o

where P is the power dissipation in the vessel, V' is the stirred tank volume, and

4 the dynamic viscosity. The power is related to a dimensionless power number,
N, , according to [30];
P

N, =——— (3.4)
P HN?DS

while the dissipated power is directly related to the viscous dissipation rate & ;
E=—— (3.5

For impeller Reynolds numbers above 10°, N, is approximately constant and is

equal to 5 for the Rushton impeller [86]. Combining equations (3.3) and (3.5),

the averaged velocity gradient is given by;

%
G = (fj (3.6)

Fluid flow in stirred tanks is highly heterogeneous so G is only an average. It
does not account for localised velocity gradients, which will vary depending on
the type of agitation [133]. The turbulent energy dissipation rate is obviously
higher in the region near the impeller compared to the bulk. The frequency of

floc exposure to this high shear is inversely related to a circulation time f,[135];
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f=—— 3.7)
N,ND,

where N, is the dimensionless pumping capacity. For the Rushton impeller,

N,=09. Radial flow impellers tend to possess higher circulation times than

axial flow resulting from the different flow patterns. For most common impeller
types the average shear rate varies linearly with impeller speed regardless of

impeller size [113].

3.3.2 Continuous Flocculation
3.3.2.1  Linear Pipe Reactor

In this section continuous flocculation is discussed. Batch methods of
flocculation in batch methods are generally inappropriate for the pilot scale
experiments, because the amount of material required is prohibitively large. An
alternative method for continuously flocculating large volumes of sample is the
linear pipe reactor. The operation and set up of the pipe reactor has been
described in detail elsewhere [139].  One advantage of pipe flocculation is that
the hydrodynamic conditions are more representative of inside a thickener feed
well. The reaction time or pipe residence time depends on the pipe length and
flow rate while the shear rate also depends on the solids flow rate, in addition to

pipe diameter and the properties of the suspension.

The main drawback of continuous flocculation is the large volume of material
required. For example, to continuously flocculate a 0.05 w/w suspension, at a
rate of 6 L. min ', 3.3 kg of solids is consumed in 10 minutes, while 160 kg of

solid is consumed over an 8 hour period. Furthermore, storage, sample
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preparation and disposal requirements make this method of flocculation

unsuitable for bench scale laboratory experiments.

3.4 Experimental

The research presented in this thesis was undertaken as part of a wider
collaborative project investigating various aspects of thickener operation. In its
fourth stage of funding, the project was supported by 27 sponsor companies
including mining companies, flocculant suppliers and equipment manufacturers.
The principal solid substrates used throughout this project are kaolin and calcite.
To be consistent, and also to take advantage of the accumulated knowledge of
flocculating these materials, calcite and kaolin are chosen in this thesis. In fact,

there are few alternative particulate materials that are well characterised, have an
average particle size less than 20 um, are cheap, and readily available in tonne

lots.

The experimental work presented in this thesis comprised laboratory, pilot scale
and full scale studies undertaken at several sites. These included laboratory
facilities at the University of Melbourne, pilot facilities at CSIRO Minerals sites in
Clayton, Victoria and Perth, Western Australia and onsite work at Iluka
Resources Yoganup mine near Capel, Western Australia. For logistical reasons it
was not possible to conduct all experiments at the same site. Consequently, pipe
reactors and water sources varied from site to site. Wherever possible,
parameters such as average shear rates and floc formation times were matched.
However, this was not always possible given the vast differences in volumetric
flow rate between pilot and lab scales. In the laboratory, small scale flocculation
experiments and dewatering characterisation including filtration were carried out.

A tall pilot thickening column, described in Chapter 4 and Chapter 7 was located
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at CSIRO Minerals, Clayton, Victoria. The Clayton site was chosen as the space,
and equipment to prepare, store and dispose large quantities of suspension were
already present. A facility for pilot scale pipe reactor studies with integrated

online sizing was located at CSIRO Minerals in Perth, Western Australia.

3.4.1 Materials
3.4.1.1 Calcite

Calcium carbonate (CaCO;) was the principal solid substrate used in this thesis.
Calcite (Omyacarb 10) was chosen for its relatively pure form, (>98% according
to information from the supplier), its narrow particle size distribution, and its
availability in tonnage quantities at low cost. The solids are supplied in a ground
powder form with a 12 pum nominal mean particle size and density p, of
2700 kg m™. Calcite is sparingly soluble in water. At 25°C, the solubility product
of calcite has been determined as 107> [83]. The crystal structure of calcite is

shown in Figure 3-6
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Figure 3-6 Crystal structure of calcite CaCO; (left) and dolomite
CaMg(CO,), (right)
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3.4.1.2  Kaolin

Kaolin was used in selected experiments as an alternative to calcite with
significantly different dewatering properties. Because of the differences in
particle size, shape and surface chemistry, kaolin requires a significantly higher
flocculant dosage, shows a lower propensity to settle quickly (less permeable) and
is easier to suspend in fluidisation experiments. The kaolin used in this study was
acid-washed (LR) supplied by Ajax Chemicals. A manufacturer chemical assay
indicated trace amounts of calcium (0.02 %), lead (0.002 %) and sulphate (0.05
%). Transmission electron microscopy shows that kaolin particles are hexagonal

platelets with an average face diameter of approximately 0.5 pm and a mean edge

thickness of approximately 0.05 pm.  Further properties of kaolin are

summarised in Table 3-1.

Table 3-1 Properties of Ajax kaolin particles. Data taken from Johnson [75]

Density (gcm™)  BET specific surface area (m?g~!)  Mean particle diameter (um)

2.65 10.58 0.223

3.4.1.3 Water

Water is an important (and unavoidable) constituent of any dewatering
experiment. Because the ionic strength of water can potentially influence
particulate dewatering through surface chemistry effects, the type of water used
in this thesis deserves some comment. Obviously, to avoid potential problems
with ionic variability and the contribution of these ions to the surface chemistry,
the best approach would be to use deionised water exclusively. However, large

scale continuous flocculation and dewatering consumes large volumes of water
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(~10 m’ per day) such that at a pilot scale the use of deionised water was

unfeasible.

To compromise, the best quality water available was used in each application.
For lab scale experiments at the University of Melbourne this was milli-Q water;
in pilot scale experiments at Clayton and Perth, local tap water was used; while
tull scale characterisation reported in Chapter 6 used process water sampled from
the thickener. The fact that water varied between sites is unlikely to be a critical
factor in the case of calcite and kaolin.  The quality of water supplied to Perth
and Melbourne is generally of high standard with a low ionic content. The
composition of Melbourne tap water is shown in Table 3-2. Based on the
solubility, it can be argued that the relative contribution of Ca®" from the
dissolution of calcite and on other surface contaminants will dominate the
surface chemistry such that potential variation in the ionic strength of the tap

water will have little effect.

Likewise, the contaminants present in the kaolin samples (see section 3.4.1.2) are
sufficiently high to swamp any variation in the ionic strength of the water source.
This is supported by conductivity measurements of clay suspensions, prepared
with both with milli-QQ and Melbourne tap water. The data in Table 3-3 shows
that in each case the ionic strength is approximately 0.001 M Electrokinetic
measurements of kaolin suspensions as a function of [AICL;] demonstrate that the
zeta potential is relatively insensitive to small salt concentrations ([AICL] < 107%)
[76]. Given that the kaolin is equilibrated for several hours prior to flocculation,

the small conductivity difference is unlikely to influence flocculation.
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Table 3-2 Water Quality Analysis of Melbourne Water [162]

Property Property

pH (units) 7.0-7.8  Fluoride 0.85
Turbidity (NTU) 02-13 Iron 0.05
Specific Conductivity @ 20° C 60 Lead <0.001
Total Solids 45 Magnesium 1.5
Total Alkalinity (as CaCO3) 14.5 Manganese <0.01
Aluminium 0.050 Mercury <0.0001
Arsenic <0.005 Nickel <0.002
Cadmium <0.0005  Nitrate (as N) 0.20
Calcite 4.0 Potassium 0.5
Chloride 7.0 Selenium <0.001
Chromium <0.005 Sodium 4.5
Copper <0.05 Sulphate 1.0
Cyanide <0.01 Total Organic Carbon 2.0

All nominal chemical values are quoted in mg I.=1. Based on long term analysis between
July 1995 and June 2000.

Table 3-3 Ionic Strength of kaolin suspension prepared in tap and milli-Q

water
Conductivity (mS m™)
Melbourne tap water 10.11
Milli-Q water 0.4059
Kaolin suspension (tap) 12.36
Kaolin (milli-Q) 4.30
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3.4.1.4  Flocculant

Two different polymers were used in this work. To flocculate kaolin, a non-ionic
polyacrylamide (MAGNAFLOC® LT20 Ciba Specialty Chemicals) was used. To
flocculate calcite, an anionic high molecular weight polyactylate/polyacrylamide
copolymer (AN934SH, SNF chemicals), was used. The properties of each
polymer are shown in Table 3-4. These polymers were chosen because of their
proven effectiveness in pipe flocculation of calcite and kaolin in other work [64,
65]. 'This provided useful background information regarding shear rates and

kinetics of flocculation.

Table 3-4 Properties of flocculant used in this study
Commercial Tonic Chemical .
name Flocculant type character MW form Supplier
Ciba
Magna . .. cal0-15 .
Aocl T20 polyacrylamide Non ionic <106 D Powder Spec@lty
Chemicals
. 30%
AN934SH  polyactylate/polyacrylamide anionic 16 x 10D Powder SNF

3.4.2 Laboratory flocculation in stirred baffle reactor

Flocculation occurred in a stirred baffled reactor shown in Figure 3-7 with
dimensions shown in Table 3-5. An overhead stirrer (IKA Euro star SV PCZ)
powered a six bladed Rushton impeller. The flocculant was injected into a
cylindrical stainless steel port (i.d. = 4.37 mm), attached to one of the baffles

[135]. The reactor vessel was 87 mm in diameter so that the total suspension

volume after addition of flocculant was 514 ml. The flocculant port length, L,
was 54.3 mm, and the immersed height, L, ey Was 15.5 mm. The length of the

injection port arm, L,, was 24.2 mm.
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In the case of kaolin, suspensions were prepared at solids concentration of
0.01 (w/w), while for calcite, 0.14 (w/w). Dry powder was added to a known
volume of milli-Q water and mixed until homogeneous. The suspensions were
sonicated for 10 minutes to break up any agglomerates and agitated on a shaking
table for 24 hours. A 2 g L.”" stock solution of polymer was prepared by adding
1 mL of ethanol to 0.2 g of dry polymer, wetting the polymer crystals, and
making the volume up to 100 mL by adding 99 mL of milli-QQ water. To prevent
UV degradation, aluminium foil covered the jar while rotating on an end over

end stirrer overnight.

Flocculant
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Figure 3-7 A schematic diagram showing the stirred baffle flocculation

reactor configuration
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Table 3-5 Stirred baffle reactor dimensions. Reproduced from Hulston [73]

Description Symbol Dimension (mm)
Tank diameter Dy 87
Liquid height H;=Dr 87
Baffle width (4 baffles) Wy, = Dr1/10 8.7
Impeller diameter D;=D+/3 29
Impeller height from tank base Hi=Di/3 29
Impeller blade width q=Di/5 5.8
Impeller blade length r=D;/4 7.25
Length of blade mounted onto disk rq =D;/8 3.625
Diameter of disk Di - 2(t-1q) 21.75
Flocculant inlet tube diameter Ty 4.37

A dilute working solution was prepared prior to flocculation. A 2 L beaker was
half filled with milli-Q water, before transferring 100 mL of stock solution.
Finally, 900 mL of milli-Q water was added to make 0.01 wt % solution. An
electric motor and paddle impeller agitated the dilute solution for 30 minutes at

500 rpm. Excess dilute polymer was discarded at the completion of each run.

Suspensions were transferred to the flat-bottomed baffled vessel and were mixed
for 10 minutes at 1000 rpm prior to flocculating. Then, a single dose of
flocculant was injected. During flocculation the agitation speed varied between
400 to 700 rpm for kaolin, and 600 to 800 rpm for calcite. Higher agitation
speeds were required for calcite since it settled faster. After flocculating for a
specified time, (30, 40, 50 and 60 seconds for kaolin, and 30 seconds for calcite)

the overhead stirrer was turned off and the height of the suspension-supernatant
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interface was measured in situ. A video camera was used to record the interface
height, for two hours, after which time the interface height did not decrease

further.

3.5 Results and Discussion

3.5.1.1  Suspension rheology measurement for different flocculant
dosage

Figure 3-8 and Figure 3-9 show height versus time for 0.01 w/w kaolin
suspensions flocculated at 500 g tonne ' in a stirred baffled reactor, as a function
of rotation speed and mixing time. The shear rates corresponding to the rotation
rates quoted in Figure 3-8 are shown in Table 3-6 and ranged between 240 and
690 s '. The impeller Reynolds number for this shear rate range varied from
5600 to 9800, so conditions were fully turbulent. There are two features of
Figure 3-8 worth mentioning. First, the highest initial settling rate corresponded

to the slowest rotation speed, and second, the equilibrium height decreased from
0.46 h, to 0.42h, as the rotation rate increased from 400 to 700 rpm. This result

suggests that aggregates forming at lower shear rates are either larger or denser
(or both) than aggregates formed at higher shear rates. Although the size or
density of flocs were not measured, visual observation showed that flocs forming

at 60 g tonne ~' were significantly larger than flocs forming at 20 g tonne ~' dose.

Table 3-6 Hydrodynamic characteristic values for the stirred baffled reactor
N (rpm) 400 500 600 700 800

Re 5600 7000 8400 9800 11210
G 243 340 447 563 687
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Figure 3-8 Height versus time for kaolin suspensions flocculated in a stirred
baffled tank at 500 g tonne™" and 60 seconds at different rotation
speeds
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Figure 3-9 shows the effect of mixing time on settling rate. At 500 rpm, settling
rates and equilibrium heights did not vary when the mixing time was increased
from 30, to 50 seconds. However, when the suspension was mixed for 60
seconds, the initial settling rate decreased, while the equilibrium height did not
change. This suggests that when mixed at 500 rpm, flocculation was complete by
30 seconds and further mixing up to 50 seconds had no effect on the aggregate
size or density. For times greater than 50 seconds, the settling rate decreased,

implying that the aggregates had started to break apart.

Figure 3-10 and Figure 3-11 show R(¢) for the rotation speeds and mixing times
discussed above. In Figure 3-10, the hindered settling function was a minimum
when the agitation intensity was lowest (243 s ~'). 'This is true for solid volume
fractions ranging from ¢, to the gel point and supports the statement that larger
floc sizes correspond to lower shear rates [18-20, 40, 80, 94, 99, 118]. An

1

increase in shear during mixing from 243 to 340 s, caused R(¢) to increase by

a factor of ~ 1.5. Increasing the shear rate to 447 s~' caused R(¢) to increase a
further 1.5 times. However, exceeding 447 s ' did not cause any further increase
in R(¢). An important feature of Figure 3-10, also noticeable in the settling
curves, is that the R(¢) curves crossover at approximately 0.017 v/v. This has

important implications for dewatering. Flocs formed under low shear rates and
short mixing times tended to dewater faster at low solid concentrations however,
near the gel point, the trend is reversed. Thus, the concentration range specific
to each application, determines whether low or high mixing shear is preferable.
As expected, the effect of mixing time on R(¢) (Figure 3-11) follows the same
trend as the settling curves in Figure 3-9. Increasing mixing time from 30 to 50

seconds had little effect on R(¢), while for 60 seconds, R(¢) increased

significantly (~2 fold).
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The compressive yield stress was insensitive to changes in both agitation speed
(Figure 3-12) and agitation time (not shown). Based on R(¢) data shown in

Figure 3-10 and Figure 3-11, the optimum flocculation conditions for kaolin
suspensions (0.01 w/w and 500 g tonne ' polymer) consisted of the minimum

shear rate investigated (243 s™'

at 60 seconds mixing) and the shortest mixing
time (30 seconds mixing at 340 s™'). Under these conditions the aggtregates reach

a peak size; longer or more intense mixing tends to degrade the flocs.
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Figure 3-12  Compressive yield stress of kaolin flocculated in a baffled stirred
tank at 500 g tonne ' and 60 seconds at different rotation speeds

As discussed in the theory (section 3.2), flocculation depends significantly on

polymer dosage, so different optimum flocculation conditions could be expected

if the polymer dosage were varied. Figure 3-13 and Figure 3-14 show R(¢)and

P (¢) for calcite flocculated at 3 different dosages, 20, 40 and 60 g tonne . Like
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kaolin, a stirred baffled reactor was used. The rotation rate was 800 rpm (average

shear rate of 688 s ') and the mixing time was 30 seconds.

Figure 3-13 shows that the flocculant dose has a significant effect on R(¢). Like
kaolin, the effect on R(¢) depended on solids volume fraction. At ¢ =0.063,

R(¢) decreased from 5.4 x 10" to 23 x 10 " as the dosage increased from 20 to

1

60 gtonne . This represents an increase of approximately 1.5 for each 20

g tonne 'increase, a similar increase in R (¢) to kaolin at different rotation rates.
In other words, the inter-phase drag experienced by a floc (in a low solids
concentration regime) decreased as the flocculant dosage increased. This is due
to the larger aggregates structure forming at higher dosages. The increased
density of polymer chains leads to more bonds and therefore, an overall stronger
ageregate. The increased strength corresponds to larger sized aggregates for a

given shear rate, and therefore settling rates increase. Figure 3-13 shows that as
the solid volume fraction increases, the difference in R(¢) for the three dosage
decreases until eventually the curves intersect. This occurred at ¢ ~0.13 for the
40 and 60 g tonne "' curves and ¢~ 0.18 for the 20 and 40 g tonne ' curves.

This means that higher flocculant dosages, does not necessarily imply faster
dewatering. This will depend on the solid volume fraction. Therefore, while
increasing floc dose may be beneficial in sedimentation, in the thickener bed, it is

possible that dewatering is adversely affected. This is rarely observed in practise

because the trade off decrease in R(¢) is unacceptable.
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Figure 3-14 shows P, (¢) for the three polymer dosages. For loads less than

100 Pa, the average final volume fraction was 0.17 (v/v) at 60 g tonne ~'. 'This
increased to 0.22 (v/v) at 40 g tonne ' and 0.27 (v/v) at 20 g tonne ~'. Above

3 kPa, there was no appreciable difference between each dose.
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Figure 3-15  Hindered settling function of calcite flocculated in a baffled
stirred tank for 30 seconds at 20 and 60 g tonne ' and agitation
rates of 600 and 800 rpm

Next R(¢) and P, (¢) wete considered as functions of flocculant dose and shear

rate. The R(¢) and P, (¢) result for the three flocculant dosages did not differ

significantly between 700 rpm and 800 rpm. Consequently, Figure 3-15 and
Figure 3-16 will only compare the 600 and 800 rpm results. The result shows

that for the 20 g tonne ' dose, increasing the rotation rate from 600 to 800 rpm,
had little effect on R(¢). However, for 60 g tonne - R(¢) increased

significantly when the rotation rate increased. This reflects the differing strengths
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of the aggregates at each dose. At 20 gtonne ', the aggregates are relatively
weak so that at a rotation rate of 600 rpm, it is likely that they have been sheared
to a limiting size. At 60 g tonne ! the aggregates are more resilient, so the

structural change occurred at higher rotation rates.

For a constant rotation rate of 600 rpm, when the dosage was increased from
20 g tonne ' to 60 g tonne ', the difference in R(¢) was ~ 7.5; almost 5 times

higher than when the rotation rate was 800 rpm (Figure 3-15). Thus, the effect

of flocculant dosage is significantly less at the higher shear rate.
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Figure 3-16 Compressive yield stress of calcite flocculated in a baffled stirred
tank for 30 seconds at 20 and 60 g tonne ~' and agitation rates of
600 and 800 rpm

Figure 3-16 shows P, (¢) for the above cases. As expected, from Figure 3-14,

P, (¢) for the 60 g tonne ' dose, were higher than the respective 20 g tonne

101



result. The gel point was lower for the 60 g tonne ~' dose signifying that stronger
flocs were formed. However, change in rotation rate had little effect on P, (¢),

at both 20 and 60 g tonne ! dosages. This is in agreement with the earlier results

for kaolin, shown in Figure 3-12.

3.6 Conclusions

The effect of mixing time, mixing rate and flocculant dosage on dewatering of
flocculated kaolin and calcite suspensions was observed. Increasing rotation rates
from 400 to 700 rpm caused the initial settling rates and equilibrium heights to
decrease. At a low solid volume fraction, the hindered settling function was a

minimum when the mixing rate was lowest (243's ). Increasing the shear rate

from 243 to 340 s caused R(¢) to increase by a factor of ~ 1.5. Increasing the
shear rate to 447 s™' caused R(¢) to increase a further 1.5 times. However,

above 447 s ' R(¢) did not change. The hindered settling function curves as a

function of shear rate crossed at approximately 0.017 v/v so that flocs formed
under low shear rates and short mixing times dewatered faster at low solid
concentrations, but at concentration near the gel point, the trend is reversed.
The compressive yield stress was insensitive to change in agitation speed and

agitation time but increased when the flocculant dosage increased.

Flocculant dose had a significant effect on R (¢) and depended on solids volume

fraction. At ¢=0.063, R(¢) decreased from 5.4 x 10" to 2.3x 10 " when the
dosage increased from 20 to 60 gtonne . As the solid volume fraction
increased, the difference in R(¢) for the three dosages decreased until the curves
eventually intersected. This occurred at ¢ ~0.13 for the 40 and 60 g tonne '

curves and ¢ ~ 0.18 for the 20 and 40 g tonne ~' curves. Thus, higher flocculant
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dosages do not necessarily imply faster dewatering. The effect of rotation rate on
dewatering depended on dosage. At 20 g tonne™', no change in dewatering was

observed, while for 60 g tonne - dewatering was significantly affected.
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Chapter 4

1—D Modelling and Pilot Validation in the Absence
of Shear

4.1 Introduction

Over the past two decades, several models have been developed to predict
dewatering in applications including; gravitational thickening, [27, 53, 150, 160]
centrifugation, [53, 79, 92, 93, 95, 150] and pressure filtration [41]. Mathematical
modelling is attractive as it provides the ability to understand, optimize, or
control a system or process. Steady state models convey important information
concerning thickener performance at different solid fluxes, helping identify stable
operating regions. Because of increased processing speeds, a large array of
variables can be considered in relatively short times. Furthermore, the cost of
modelling is often lower than experimentation and risks associated with pilot and

laboratory work minimised.

As mentioned in Chapter 1, over the past ten years, the 1-D steady state
thickener model developed by Landman and White [153], has been applied to
several industrial thickeners, with the results largely inconsistent [123]. The
model typically under predicts thickener performance; the amount by which
depends on the type of thickener, the material, the operating conditions, and

whether the thickener is raked [94, 102, 127, 128, 148, 151].
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The discrepancy between simulation and reality suggests that either the
one-dimensional model framework is inadequate for describing large thickeners,
or otherwise, the model inputs, i.e. the permeability and compressibility are not
representative of the conditions inside of the thickener. The aim of this chapter
is to validate the 1—D steady state thickener model through a series of pilot scale
experiments. This study initially does not consider shear forces. Shear is

introduced to the column in Chapter 7.

4.2 Previous pilot thickening studies

In contrast to the theoretical interest thickening has received [33], experimental
studies of thickening at a pilot scale are rare in the literature. Examples include
the work of Comings [42-44], Eklund [48], Fitch [124], Scott [152] and Turner
[33]. Most are now half a century old and aimed to provide data against which
to assess the accuracy of the design methods discussed in Appendix 2. Rarely,
did the experimental results correlate with the design. Fifty years later, not a

great deal has changed.

In addition to model validation, pilot thickening studies can serve a more
fundamental purpose, by providing insight into full-scale thickener behaviour.
The paper by Comings [33] was important in this respect, summarizing over two
decades of continuous thickening research. In one experiment, Comings

considered the effect of residence time on underflow solids, while keeping the

bed height constant. The residence time (1, ), was calculated from;

hy,

A
tres ZWJ.C(Z)dZ

0
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where Vv, is the volumetric feed flow rate and C , is the mass of solid per unit

volume of the feed. Thus, the residence time is directly proportional to the bed

v,
height and indirectly proportional to the volumetric ﬂux.( % j .
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Figure 4-1 Bed height versus underflow concentration as function of

residence time and feed rate. Reproduced from Comings [33]

In a different series of experiments, the residence time was kept constant by
allowing the bed height, the feed and the underflow flow rates to vary [33]. The
results are summarized by Figure 4-1. The positively sloping curves correspond
to constant feed conditions while the negatively sloping curves correspond to
constant residence time. For example, when the bed height was a constant 23
inches (0.58 m), an increase in the residence time from 1500 to 4800 minutes (25
to 80 hours) caused the underflow density to increase from 300 to 510 g L™

(0.134 v/v to 0.202 v/v) [152]. Conversely, when the residence time was constant
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(2000 minutes) an increase in the bed height from 10 to 27 inches caused the
underflow concentration to decrease from 460 to 380 gL.”". The shorter the
residence time, the more pronounced the decrease (steeper slope). This result
may appear counterintuitive because a higher bed corresponds to a larger
compressive stress; hence, the additional weight should squeeze out more fluid in
the same time. Clearly, factors other than compression must be involved. To
maintain a constant residence time, at a higher bed height, the solid flux must
increase from equation (4.1). The higher the solid flux, the larger the
hydrodynamic drag opposing compression, so that permeability considerations

must also be taken into account.

4.3 Variables in Continuous Thickening

It is generally possible to operate a pilot thickener in three modes;

— constant bed height
— constant solids flux

— constant residence time

In the first mode, the column is operated at a constant bed height and the solids
flux varies by changes in both feed and underflow flow rates. The residence time
differs necessarily for each flux. In the second mode, the column is operated at a
constant solids flux while the bed height varies, in this case only the underflow
flow rate changes. In the final mode, the column operates at a constant solids

residence time, for which both bed height and solids flux must change.
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4.3.1 Feed flux density

The feed flux density is the mass flow rate of solids (on a dry basis) per unit area
with the units of tonne m™> h™'. The effect of increasing the feed flux density is
to cause the thickener to shift from a settling to filter mode [94]. There is an
upper limit for the feed flux density, which will depend on the solids settling
velocity. Operating the thickener at the maximum feed rate is not advisable,
since a small change in aggregate properties, i.e. as caused by a temporary
reduction in flocculant activity, or dose, could lead to lower settling rates and
solid overflow. Furthermore, low residence times limit the opportunity for
compressive dewatering and consequently underflow densities do not greatly

exceed the material gel point.

4.3.2 Compression Height

Compression can be important in low flux, deep-cone type thickeners, which
produce highly compact, paste like material. The deep beds provide for high
compressive stresses; while the typically low solid fluxes mean that residence

times are relatively high.

To achieve a high underflow density, the compressibility of the material is
important. The lower the compressive yield stress, the more compressible a
suspension. However, the yield stress is only half the story since consolidation
also involves escape of fluid. Therefore, dewatering is optimized when the
sediment is both compressible and permeable. However, improvement in one

usually comes at the expense of the other.
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4.4 Thickener modelling

Figure 4-2 shows schematically a one-dimensional continuous gravity thickener.
Feed is introduced continuously at a height z, volumetric flux @, and solid
volume fraction ¢, . At heights less than z, solids fall freely in a hindered settling

zone Fluid, expelled by the settling solids, exits the thickener via an overflow
stream, at a flux O, For steady-state conditions, the solid and fluid fluxes are

constant at all heights in the thickener.
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Figure 4-2 Ideal 1-D continuous flow thickener

If the feed flux is fixed, the only remaining variable is the underflow flux Q,.
The magnitude of Q, is important as it dictates height of bed and the solid

volume fraction in the underflow ¢,. The boundary between settling and
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consolidation zones is denoted z,. The solid volume fraction in the

consolidation zone (0<z<z ) increases non-linearly with increasing

compression and thus depth.

4.4.1 Assumptions

There are two key assumptions inherent to the steady state thickener model [152].

The first is that dewatering can be described as a one-dimensional process, i.e. the
only change in ¢ occurs in the vertical (Z) direction. Thus, the solid volume

fraction is constant over a horizontal plane. For this to be satisfied, the solid
settling velocity also must be constant at a given vertical height. Consequently,
the particle sizes and densities cannot vary; a condition termed zone settling. The
permeability, which is a function of volume fraction, is also constant across a
horizontal plane. In one dimension, macroscopic flow phenomena including
channelling and re-circulation of solids and fluid cannot be described. According
to Turner, these macroscopic flow effects are not significant when the vessel
diameter is less than 0.3 m [153]. Since, the tall column used in this work is
0.285 m, channelling and re-circulation were not expected. However, in large-
scale thickeners variation in velocity and solid concentrations could be significant.
Thus, the one-dimensional assumption is a simplification allowing trends in
behaviour to be understood, however, exact predictions may not necessarily be

possible.

The other assumption is that shear forces are not significant in 1—D dewatering.
Shear, by nature is a two dimensional property and therefore cannot be defined in
a one-dimensional framework. While this assumption may be appropriate in the
case of undisturbed sediment that is laterally large; the assumption of zero shear

is invalid when there is significant lateral motion of solid and fluid due to raking.
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Often thickeners are not straight walled, but instead, slope at a certain angle to
discourage scaling and dead zone formation. In this case, the area 4, is a
function of z. The one dimensional model can accommodate variation in cross
sectional area by way of a shape factor. This allows any geometry thickener to be

modelled.

4.4.2 Inputs

The steady state model inputs include the following;

— constitutive relationships for the compressibility and permeability as

functions of solid fraction

— the thickener diameter (if the area is not constant for all heights, the

diameter as a function of height is required)

— the solid volume fraction of the feed (¢f)

— the density of the solid and fluid phases
— the bed height (H,)

4.4.3 Outputs

The model predicts solid throughput as a function of underflow solids in two

parts. The first part involves solving the governing dewatering equation under

hindered settling, where P, (¢) is universally zero. The second part considers the

consolidation zone, where the equations must account for a solid stress gradient.

In the following equations, the solid flux term is volumetric, with units

Lvolume of solid

. . In this case, the area is the maximum cross sectional area of
time - area

the thickener. However, all graphs appearing in this thesis adopt the units
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[ tonnes
2

N J on the ordinate axis. This is done primarily to adhere to the minerals
r-m

industry convention [32]. From a material balance, the solids flux is given by;

q u(¢)

= (4.2)
(i) (I_IJ
¢ 4
This is similar to the form originally given by Coe and Clevenger [153] with an
d(2))
added shape factor. The shape factor (o) defined as a(z) = 7 accounts for
the effect of varying thickener areas while the settling rate u(¢) was given
previously as;
Apg(l-¢
u(4) _2oe(l=9) (4.3)
R(¢)
When the solids form a network, the change in volume fraction A¢, with height,
z, is described by a function which relates R(¢) and the solid stress gradient
dP
M to the volume averaged solid velocity, g (t ) .
R(¢(Z)) q (1_ ¢(Z)J_Ap 4(z)
2 4
dpz) (1-9(z)f 2@ 4 "
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At steady state, z=H, and ¢ =¢, at the top of the bed, while z=0 and ¢ =4,

at the base of the thickener. In general, an analytical solution of equation (4.4)

for g does not exist. Instead, the solid flux is evaluated numerically using an
iterative process. The algorithm involves an initial guess for ¢, and integrating
equation (4.4) from z=0 to z =A, subject to the boundary condition ¢(0) =q,.
The initial g is adjusted until the condition at the top of the bed, (ie.

¢(H,)= @,) is satistied. This is repeated for a range of underflow concentrations

and bed heights, generating a series of curves which plot ¢ versus ¢, as a

function of bed height. A limiting solids flux is obtained by combining free

settling and compression calculations, and choosing the minimum value [139].

Figure 4-3 shows the model output for flocculated calcite. The bed heights range
between 0.1 and 10 metres. At solid fluxes above ~ 0.3 tonne m *h™' the model
predicts that bed height will not influence the solid concentration in the
underflow. The solids flux is sufficiently high that solids do not spend enough
time in the thickener for compressive forces to act. In this case, the underflow
concentration depends solely on the permeability. Consequently, thickeners
operated in this solids flux regime are described as permeability limited. When

the solid flux is less than ~ 0.3 tonne m > h™!, the model predicts that the

>
underflow concentration will increase. The longer residence times mean that
compression becomes the limiting factor. Under this regime, if the compressive
force is increased by increasing the bed height, the underflow solids
concentration should also increase. The transition from permeability limited to
compressibility limited is often sharp. In this region a small variation in solids
flux can correspond to a large decrease in underflow solid density. To validate

the model, fluxes corresponding to both compressibility and permeability must

be considered.

113



10 ¢
— Permeability Limited
< 1¢ Flux Range
S
-
>
o
=
7] 0.1
(0]
c
c
2] I
»x 001
2 E Compressibility
'-'u-) Limited Flux Range
3 I
O  0.001
n E
0.0001 ‘
0 0.1 0.2 0.3 0.4 0.5
Underflow Solids Concentration, ¢ (v/v)
Figure 4-3 1-D thickener model output; solids flux dry tonnes solid versus

underflow solids concentration. Data is for curves ranging from
0.1 to 10 metres. The fitting parameters appear in Appendix 1,
Table A-2 and Table A-3

4.5 Experimental

4.5.1 Materials

The material used in this work consisted of calcite (Omyacarb 10) and a high
molecular weight anionic polyacrylamide/polyactylate copolymer (AN934SH
SNF). These are the same as described in Chapter 3 (refer to section 3.4.1 for

more detail).
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4.5.2 Characterisation of calcite
4.5.2.1  Flocculation of calcite in a stirred baftled tank

Calcite suspensions were prepared at a solids concentration of 0.1 w/w by the
addition of dry powder to a measured volume of tap water. The suspensions
were sonicated for 10 minutes and agitated on a shaking table for 24 hours. The
same stirred baffled reactor described in section 3.3.1.2 was used to flocculate.
The optimum flocculation condition required a single polymer injection of
30 g tonne ' while mixing at 500 rpm. The suspension and flocculant were
mixed for 10 seconds, before turning the stirrer off and measuring the settling
rate. After settling had finished, (24 hours later) a sample was loaded into the

filtration rig and the compressibility and permeability were measured.

4.5.2.2  Laboratory flocculation in Ilinear pipe reactor

Calcite (Omyacarb 10) suspensions were prepared at a solids concentration of
0.05 w/w in 40 L batches by gradually adding 2.06 kg of calcite to 39 L of local
tap water to produce a suspension of 0.05 w/w solids. The lower solids
concentration was chosen to match previous flocculation pipe studies. Using an
overhead stirrer, the suspension was mixed for 30 minutes prior to flocculation
to allow thermal equilibrium. A 2 g L™ stock solution of polymer was prepared

following the same procedure outlined in section 3.4.2.

Flocculation occurred in a linear pipe reactor, described in section 3.3.2. A
centrifugal pump delivered suspension at a volumetric flow rate of 6.3 L min '
through a 12.5 mm ID pipe. Two pipe lengths were used, 1.8 m and 9.66 m,
corresponding to residence times of 1.8 and 10.8 seconds respectively. A
peristaltic pump (Masterflex LS) delivered flocculant at flow rates varying from

81 and 323 ml. min ! depending on the dose. For each residence time four

flocculant dosages were investigated (25, 50, 75 and 100 g tonne ™).
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Figure 4-4 shows the pipe reactor arrangement schematically. During start-up,
where flow had not yet reached steady state, suspension was returned to the
holding tank via a recycle loop, to conserve volume. The instrumentation was
relatively basic, comprising a flow meter (F) on the slurry line. A more

sophisticated control scheme was adopted in the work described in Chapter 7.

Recycle loop 0.1 % w/w Flocculant

Q_ solution
i y

ull D9
Linear pipe reactor

Stock CaCO0j, slurry

<

v

Sampling
Cylinder

Figure 4-4 Laboratory pipe reactor arrangement used for dewatering
characterisation

Before sampling, the pipe reactor was operated for approximately five minutes

allowing the flocs to reach equilibrium. Five 1 L. measuring cylinders were filled

directly from the pipe outlet. The first cylinder was filled to a height (ho) of 0.4
m and subsequent cylinders were filled to progressively lower heights (0.8 4,

0.6h,, 0.4 h,, and 0.2 h,). The sediment-supernatant interface h(t) was

measured for two hours, and then after 24 hours, the final sediment height was

measured. Combined with filtration data, P, (¢) and R(¢) for each flocculation

condition were determined according to the methods discussed in Chapter 2.
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4.5.2.3 Yield stress

To avoid pumping and mixing problems, the yield stress was measured as a
function of solids concentration using a vane rheometer. The results are shown
in Figure 4-5. For solid volume fractions less than 0.4 (0.62 w/w), the measured
yield stress was less than 10 Pa, so that the suspension flowed freely.

Consequently, calcite suspensions were not prepared above 0.4 v/v.
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Figure 4-5 Yield stress for calcium carbonate measured using vane
rheometer

4.5.3 Pilot thickener operation

A photograph of the tall column used in the following experiments is shown in
Figure 4-6. Upon close inspection, the feed and clarified water interface can be

observed. The interface between settling and consolidating material, which is

defined by H, can also be seen, (although less easily) just above the second ring.
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Figure 4-7 shows schematically the tall column and ancillary equipment. The
height of the column was 2.2 metres and the internal diameter was 0.285 metres.

Additional column information is supplied by Table 4-1.

&£

InEni

e

Figure 4-6 Tall pilot column used to validate thickener model
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Table 4-1 Tall column dimensions

Height (m) 2.2
Truncated cone height (m) 0.205
Column diameter (m) 0.285
Cone angle (degrees) 60

Diameter of truncated cone at base (m)  0.05

Cone volume (L) 4.4

A centrally located feed pipe delivered feed to the column, while the overflow
was collected by a peripheral launder. The launder was designed to
accommodate flow rates up to 70 L min~'. To minimise shear, the column was
operated without any moving components including rakes, pickets or scrapers. A
narrow diameter was chosen deliberately so the assumption of 1-D flow was
valid. The column was operated continuously for periods ranging between four
and six hours. Longer operational times were not possible because of site access
restrictions and the lack of an adequate control system. It is possible that
operating for relatively short times will not allow true steady conditions to
develop in the column, although the results were reasonably stable. This is
addressed in Chapter 7 where a more sophisticated control system is developed

enabling operation for extended periods.

4.5.3.1  Solids flux of 0.3 tonne m ° h™’

A solids flux of 0.3 tonnem *h™ was chosen for investigation because it
corresponds to a region in which the thickener operation is permeability limited.
This expectation is based upon initial modelling of calcite settling data. A large
number of thickeners have been found to operate in this typical flux range for

which the solids throughput has yield stresses of less than 10 Pa [15]. In the
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minerals industry, the majority of thickening operations produce tailings within

this rheological range.

0.1 % w/w
@ S Z Flocculant solution

Pipe '-T
reactor
Sample point %v

Figure 4-7 Pilot tall column flow circuit used to validate 1D model

8 [ D

Stock CaCO0, slurry Holding tank
5% wiw

Calcite suspensions were prepared at a concentration of 0.05 w/w in a 500 L
holding tank using local tap water. Suspensions were transferred to a second
tank, which was agitated constantly to keep the particles suspended. The second
tank allowed additional batches to be prepared during operation without

introducing concentration or dilution shocks which would disrupt steady state.

A flux of 0.3 tonnem > h™ corresponds to a volumetric flow rate of 6.8 L min~"

for a 0.05 w/w concentration. The pump speed was periodically adjusted to
maintain the flow rate at the required rate. The suspension was transferred from
the tank to the column by a progressive cavity positive displacement pump. The
slurry was flocculated using the pipe reactor described in section 4.5.2.2 and
elsewhere [97]. The flocculant was dosed at 25 g tonne ™', the minimum required
to produce satisfactory flocculation. The feed point was located approximately

0.5 m beneath the overflow laundet.
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Shortly after filling, three distinct zones became distinguishable. The lower zone
was defined by a marked interface between the hindered settling region, where
individual flocs could be observed settling and an opaque bed that settled more
slowly. The interface height, or bed height, increased to approximately 80% of
the target height at which point the underflow pump was turned on. This was
necessary to compensate for the slow dynamical response in the column.
Assuming that all solids exit via the underflow and the underflow solid
concentration is known, the required underflow rate can be calculated from an

overall mass balance;

However, because the underflow concentration was variable and instantaneous
measurement of the underflow solid concentration was not possible, constant
adjustment of the underflow pump speed was necessary to keep the bed height
constant. Over the course of the experiments, the bed did not vary by more than
10 %. Four bed heights were investigated; 1.0 m, 0.8 m, 0.6 m and 0.4 m. For
each height the column was allowed to reach steady state before sampling. A
common industry standard for estimating steady state is two bed turnovers. On
this basis, steady state conditions could take anywhere between thirty minutes
and two hours to develop depending on the bed height. Once this time had
passed, underflow samples were collected at 30 minute intervals and the solids

concentration determined by drying.

4.5.3.2  Solids flux of 0.03 tonnem * h !

The solids flux of 0.03 tonne m > h™' represents thickener operations where the
output solids from the underflow are above the gel point. In this case, the

rheology of the underflow material will likely have a yield stress greater than
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10 Pa, based on the data in Figure 4-5. Operation of the column to produce
underflow with a measurable yield stress may pose difficulties in the absence of

raking, since the movement of solids will no longer be homogeneous.

The procedure described in section 4.5.2.3 was repeated for a lower solids flux
corresponding to 0.03 tonnem™ h™' so that dewatering was compressibility
limited. Because the pipe velocity was one-tenth the velocity at 0.3 tonne m > h™'
the flow was insufficient to keep calcite suspended. To address this problem a
smaller 6 mm ID pipe was used. The volumetric flow rate was 0.7 L min' so
that the column solids flux now corresponded to 0.037 tonne m > h™'. To keep
the residence time approximately five seconds, the pipe reactor length was

reduced to 2.3 m.

Despite efforts to maintain constant flocculation conditions, the aggregates
forming at the lower flux were considerably larger and settled significantly faster
than those at the higher flux. To compensate, the polymer dosage was reduced
to 5.5 g tonne ', in which case the settling rate was approximately equivalent to
the higher flux case. Three bed heights were investigated; 0.75 m 0.5 m and
0.3 m, at this flux. Once steady state was reached, the underflow was sampled at

30 minute intervals and the solids concentration determined by drying.

4.5.3.3  Varying flocculation conditions

The column was operated according to the procedure described in 4.5.2.3.
Calcite suspensions were prepared at solids concentration of 0.05 w/w by
metering 3.2 m’ of water into a 4.5 m’ storage tank, to which 150 kg of dry calcite
was gradually added. The solids flux was 0.3 tonne m *h™' so that the required
flow rate was 6.8 L. min~'. Two different flocculant dosages were investigated; 25
and 75 g tonne . The residence time in the pipe for each dose was 10 seconds.

For The bed was maintained at one metre height. When steady state was
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reached, the underflow was sampled every 10 minutes and the solids

concentration determined by drying.

4.6 Results and Discussion

4.6.1 Error analysis

Before proceeding to the tall column results, this section will first address the
issue of experimental error. The aim is to identify potential sources of error and
quantify their effect on the dewaterability predictions. In this thesis the
predominant cause of variability between results is due to flocculation. With
flocculation, any one of several parameters can significantly affect the outcome.
The potential of flocculation to affect the experimental results is therefore
considered far greater than typical measurement errors. Consequently, great
efforts were required to ensure that the methods of flocculating and sampling
were controlled and as reproducible as possible. This was achieved by
flocculating primarily in a linear pipe reactor, which delivered a known volume of
suspension and polymer directly to the measurement vessel under reproducible

shear conditions.

The reproducibility of flocculation is relatively easy to assess; batch settling tests
provide this information directly. Indeed, the repetitive nature of the work
appearing in Chapters 5 and 8 meant that experimental variability could be
detected immediately. To illustrate the typical variability in flocculation, three
calcite suspensions were flocculated on consecutive days using identical
experimental conditions. The suspension interface was measured over time and

h(t) is shown in Figure 4-8. The three h(t) cutves evidently show reasonable

agreement. The maximum deviation between curves did not exceed 0.5 mm,

consistent with the figure quoted by Pashias [115]. Since, the data are discrete
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points and in principal may be discontinuous, standard smoothing and filtering

techniques are unsuitable. Consequently, fitting methods are used to provide
continuous functions over both the linear and nonlinear regions of /() [98].

This introduces another potential source of error, however, Table 4-2 shows this
error was small. The error value represents the difference between experimental
and curve fits over the initiation, linear and non linear sections of the curve. The
more data points sampled the greater the confidence in the curve fit. Thus, to
minimise this error it is important that the number of data points sampled is
adequate, especially in the non-linear region of the curve [97]. Consequently, the
number of discrete data points usually sampled in a batch settling test was 100 or

more. In the three examples given above, the data sets are smaller, with between
35 and 60 points. The h(¢) data for each batch settling test is listed in
Appendix 1, Table A-1.
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Figure 4-8 Triplicate measurement of h(t) for calcite (0.07 v/v) flocculated
at 40 g tonne '
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Table 4-2

Input and output parameters for /(¢) analysis for (0.07 v/v)

calcite dosed with 40 g tonne ' polymer

Settling Test 1 | Settling Test 2 | Settling Test 3
Number of data points 61 57 35
[nitial height 0.392 0.388 0.374
Final height 0.101 0.102 0.107
Error in A (l‘) curve fit 1.0E-5 1.3 E-5 1.85E-4

To examine the potential of h(t) variance to affect P, (¢) and R(9)

measurement, each of the h(t) curves in Figure 4-8 were analysed using the

h(t): I (¢) transform.. Figure 4-9 shows R(¢) corresponding to the h(t)

curves of Figure 4-8. The average R(¢) is depicted by the solid line. Good

agreement between individual R(¢) data was obtained for all ¢. In Table 4-3,

the calculated, average and standard deviation of R(¢) is shown for three ¢

values.
Table 4-3 Parameters and output from the h(t ) analysis for (0.07 v/v)
calcite dosed with 40 g tonne ™' polymer
R ( ¢) Average Std Dev Avg Std
Test 1 Test 2 Test 3 R(¢) Dev

$=0.07 | 846E+06 7.98E+06 9.23E+06 8.56E+06 6.29E+05
$=0.15 | 3.00E+08 3.58E+08 3.23E+08 327E+08 291E+07 | 221E+07
$=0.20 | L4IE+09 142E+09 1.32E+09 1.38E+09 5.34E+07
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Figure 4-9 Hindered settling function from A(t) in Figure 4-8

The treatment of P)(¢) is less straightforward because both ¢, and P, (¢)
depend on the final height /,. Thus, to estimate the variability of P, (¢) due to
experimental h(t) error, the average and standard deviation of /4 is determined.

These are then used to calculate P, (¢) and ¢, corresponding to upper and lower

bounds of h, (ie. h.=h

wavg

+2s.d and h,=h,,—2s.d). The final height

information is outlined in Table 4-4.

The results of R(¢) and ¢g do not correlate as closely as R(¢) (see Figure
4-10). For the three cases the gel point was estimated as 0.2311, 0.2145 and
0.2503 v/v (for h,,,, h, and h, respectively). The average @, was 0.2319 v/v

oay 2 0

with a standard deviation of 0.0179 v/v, see Table 4-5. It shall be seen later that

these limits are considerably smaller than changes observed when shear is applied
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to the suspension (see Chapter 5). The P, (¢) results were even more variable,
especially at low solid volume fractions. At ¢ =0.25, the average value of P, (¢)
was 120 Pa, with a spread of approximately 100%. However, at ¢ =0.35, the
average value of P, (¢) was 1276 Pa with a spread of 200 Pa, (see Table 4-6). In

real terms, these differences are small when compared to the stress changes
observed in real thickeners, where the bed height can suddenly increase several

metres, the total stress change is of the order kPa rather than Pa.
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Figure 4-10  Compressive yield stress from h(t) with three different final
heights
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Table 4-4 Final height A, analysis
Final Height (m) Upper | Lower
Average Standard N PP 14| bound
li li li oun oun
Settling | Settling | Settling _— deviation (m)
Test 1 Test2 | Test3 cight (m) (m) (m)
0.101 0.102 0.107 0.103 3.22E-2 0.1097 | 0.0970
Table 4-5 Gel point sensitivity to final height
Gel point (v/v) Average Gel Standard
— point (v/v) deviation
hoo = »avg hoo = h: hw = hm
0.2311 0.2145 0.2503 0.2319 0.0179
Table 4-6 Parameters and output from the 4/ (t) analysis for (0.07 v/v)
calcite dosed with 40 g tonne ™" polymer
Compressive yield stress (Pa) Mean (Pa) Std Dev (Pa)
(v/v) h,=h ., h,=h" h,=h
$=0.25 112 244 ~0 119 122
$=0.3 553 674 409 545 133
$=0.35 1270 1437 1084 1264 176

To assess the potential error in thickener performance prediction, several

combinations of the minimum and maximum curves for P, (¢) and R(¢) were

run through the steady state thickener model. The results in Figure 4-11 show

excellent agreement and it will be seen shortly, that this variability is far lower
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than expected based on changing flocculation conditions. In any case, the error

is certainly within the range typical of a plant.
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Figure 4-11 Steady state thickener modelling from A (t) in Figure 4-8

The level of precision obviously decreases with increasing scale. Laboratory
experiments are highly precise, pilot scale measurements less so, while full scale
plant measurements are quite inaccurate and subject to sudden fluctuations in
solids concentration, composition or throughput. The errors in plant are
difficult to quantify and can be large. This obviously makes the task of predicting
this behaviour from lab measurements difficult. Nevertheless, steps were taken
to ensure, as far as possible, that the pilot scale work was as controlled and the
results reproducible. The manual control used in Chapter 4 was not ideal and
therefore a feed back control system was introduced in Chapter 7. Furthermore,
density meters were installed on feed and underflow streams to give

instantaneous indication of change within the column while the column was
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operated for long periods (72 + hours) to help establish a steady state. The down
side of long operation times is the number of possible experimental variables
considered was reduced; (and repeating experiments was equally unfeasible). The
cause of the error associated with pilot column and full scale experiments is

explored further in the relevant chapters (Chapters 6 and 7).

Table 4-7 Predicted solid flux for a thickener with the tall column
dimensions and bed height 1 metre

Predicted solids flux (tonne m™2 h™1) Mean Std Dev
(tonne m~2 h™") | (tonne m~2h™1)
v/v) Test 1 Test 2 Test 3
¢, =0.1 3.643 3.898 2.711 3.417 0.625
¢, =0.2 0.217 0.183 0.206 0.202 0.017
¢, =0.3 0.036 0.039 0.038 0.037 0.002

4.6.2 Compressive rheology of calcite

Figure 4-12 and Figure 4-13 show the permeability and compressibility of the
flocculated calcite feed sampled from the pipe. The data were fitted with
following functions; the constants appear in Table A-2 and Table A-3 in

Appendix 1;

R(@)=r, (4" +r.) (4.6)

P.(¢)= (1 —%gj Exp(p.4” +p,) *.7)

The compressive yield stress and hindered settling function curves shown in

Figure 4-12 and Figure 4-13 includes both pressure filtration and settling rate
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data. Because the work preceded the analytic solution for R(¢) [82, 134, 135,
139] the settling data was only collected for ten minutes. Consequently, the
analytical #(¢)= f(¢) transform could not be applied leaving a noticeable gap
in R(¢) for ¢ ranging between 0.2 — 0.4 v/v. However, more recent R (¢) data

presented in Chapter 3 was obtained using the transform. Allowing for slightly

different flocculant dosages (30 and 40 g tonne ') and initial volume fractions

(0.04 and 0.06 v/v) in each case, R(¢) in Figure 4-12 and Figure 3-13 do not

differ significantly.

—~ TE+11

*® 4700

1.E+10

1.E+09

1.E+08 E

T
. .

1.E+07

Hindered Settling Function, R(¢) (kg s'm™

1 .E+06 1 1 1 1 1 1
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7

Solids Volume Fraction, ¢ (v/v)

Figure 4-12 Hindered settling function for calcite flocculated in a 12.5 mm

pipe reactor at 6.1 L. min .
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Figure 4-13 ~ Compressive yield stress of calcite flocculated in a 12.5 mm pipe
reactor at 6.1 L min ™'

4.6.3 1-D Modelling Predictions for Thickening Column
4.6.3.1  Pipe reactor feed to column

Figure 4-14 shows the 1-D model prediction based on permeability and
compressibility of the flocculated pipe reactor feed to the column. The
dewatering behaviour was significantly different to that predicted for flocs
produced in the stirred baffled reactor. This demonstrates that flocculation
conditions (in this case the differences between baffled stirred tank and pipe
reactor hydrodynamics) can influence the aggregate size, density and strength.
The difference in hydrodynamics for each flocculation method is shown in Table

4-8.
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4.6.3.2  Different ageregation conditions

Flocculation conditions were chosen based on a population balance model, which
predicted the evolution of floc size as a function of pipe residence time for
different hydrodynamic conditions [64, 65]. The aim was to select two
conditions, which produce significantly different aggregate structures. Based on
the hydrodynamic conditions in the pipe, the model predicted a maximum
aggregate size at ¢+ = 1.8 seconds. The first flocculation condition considered
was therefore a 2 second residence time, marginally higher than 1.8 to ensure
aggregates were no longer in a growth stage. The second flocculation condition
was a residence time of 10 seconds, since this should produce smaller aggregates

due to shear rupture, with different dewatering characteristics.

Solids Flux (tonnes hout' m?)
o

0.01
0 0.1 0.2 0.3 0.4 0.5

Underflow Solids Concentration, ¢ (v/v)

Figure 4-14  Flux curve predicted from characterisation of calcite flocculated
in linear pipe reactor. Data represents the following bed heights

005m;o1mA2m;O4m;+6m; * 8m; X 10 m
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Figure 4-15 shows the predicted solids flux as a function of underflow solid
concentration for the different flocculation conditions and a 1m bed.
Comparing the results in Figure 4-15 with Figure 4-11, it is clear that the effect of
flocculation conditions on the predicted thickener performance is far greater than
the potential error caused by reproducibility and transformation of data. For a
solids flux ranging between 0.003 and 3 tonne m > h™', the model predicts that
the maximum underflow solid density is obtained when the dosage is highest
(75 g tonne ') and residence time longest (10 sec). For the same flux, these
conditions also produce the highest underflow solids concentration. Conversely,
dewatering was slowest when the dosage was minimum (25 g tonne ') and pipe
residence time shortest (2 sec). At solid fluxes less than 0.003 tonne m™> h™' the

curves appear to asymptote to the same solids concentration. This is because

P (¢) did not differ significantly at high ¢ (refer to Appendix 1 for P (¢) as a

function of flocculant dose).

Table 4-8 Hydrodynamic characteristics of flocculation

0.3 tonne m > h ™' 0.0375 tonne m > h™' Baffle reactor

Feed Flow rate (L. min™") 6.8 0.7 -
Pipe diameter (m) 0.0125 0.006 -
Reynolds number (—) 11295 2422 7008
Shear rate (s ) 972 507 340
Residence time (s) 5.02 5.6 10

If equivalent dosages are compared, both 50 g tonne ' and 75 g tonne ' dosages
resulted in higher underflow density when the residence time was longer. The
25 g tonne ' result showed opposite behaviour and may be anomalous. Based on

Chapter 3 results, a longer residence time should adversely affect dewatering as
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flocs are broken down. It is possible however, that the 2 second residence time

was insufficient to allow flocs to grow to their maximum size.
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Figure 4-15  Predicted solids flux as a function of underflow solid
concentration for six different flocculation conditions (three
flocculant dosages and two residence times) and 1 m bed

4.6.4 Tall column validation results

4.6.4.1  Solids flux

In this section, the tall column results are compared with the 1-D model
predictions. Under steady state operation, it was expected that the 1-D model
would successfully predict the output solids from the column where the
assumption of 1—D dewatering is satisfied, and where the model framework and
material characterisation approach are sound and relevant to conditions within
the column. Then, errors associated with the full-scale thickener simulations

could be either due to the assumptions inherent in a 1—D model not applying, or
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alternatively, the characterisation method not representing conditions inside the

thickener.

The results from the tall column runs at a solids flux of 0.3 tonnem >h™" are
plotted in Figure 4-16. The underflow solids concentration was not constant so
it is possible that steady state conditions had not fully developed. The variability
is more significant for 1.0 and 0.8 metre bed heights, with the underflow solid
concentration still decreasing after 6 hours. For a one-metre bed this

corresponds to more than six bed turnovers, see Table 4-9.

Figure 4-17 shows the underflow solids concentration when the column was
operated at a solids flux of 0.037 tonne m > h™". For this flux, the maximum bed
that could be sustained was 0.75 m. Higher bed heights were not possible
because for heights above 0.75 m, the consolidation rate was faster than the solid

deposition rate.

Table 4-9 Residence time for the two solids flux and bed heights

Residence time (minutes)
Solids flux

0.4 m 0.6 m 0.8 m 1.0 m
0.3 tonnem > h™' 17 32 48 57
0.03 tonne m > h™' 397 698 1000 -

As with the 0.3 tonne m™> h™' results, the underflow solids concentration data
showed significant non-uniformity. With the two bed turnover as a guide, a 0.03
tonne m > h™' flux would require 33 hours to reach steady state. Operation for
this length of time was not possible without additional instrumentation and

control schemes. These are introduced in Chapter 7.
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Despite efforts to maintain constant shear condition and residence times in the
pipe, the aggregates forming at the lower flux were noticeably larger and settled
significantly faster than the flocs formed at the higher flux. Referring to Table
4-8, this result is expected since the shear rate in the pipe was considerably less at
the lower flux. A 5 mm pipe was required to give a shear rate comparable to the
higher flux value; however, piping in this diameter was unavailable. Instead, to
produce comparable aggregates sizes and settling rates, the polymer dosage was

decreased to 5.5 gtonne '. Although settling rates were similar, the two cases

wete not expected to show identical R(¢) and P (¢) profiles.
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Figure 4-16 Underflow solid concentration as a function of time and bed
height for flocculated calcium carbonate in the pilot scale tall
column at a flow rate of 0.3 tonne m > h™
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Figure 4-17  The solid concentration of underflow samples, by drying, as a
function of run time and bed height for flocculated calcium
carbonate in the pilot scale tall column at a flow rate of 0.0375
tonne m > h™'

Figure 4-18 shows the underflow solids concentration when the column was

operated at several bed heights and solids fluxes. The discrete data points in red

cotrespond to ¢, at the completion of each run at the 0.3 tonne m > h™' flux,

while the blue points show the ¢ values corresponding to the 0.037

tonne m >h™' flux. For both fluxes, the left most data point corresponds to the
lowest bed height while data to the right represent progressively increasing bed
heights, see Figure 4-16 and Figure 4-17. The errors are relatively small ranging
from less than one percent for the smallest bed heights at each flux, (0.35 and 0.4

m), to a maximum of 20% for the higher flux and bed heights.
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Figure 4-18

The effect of changing flocculation conditions on the column operation was
considered. Figure 4-19 shows the underflow solids concentration measured
over the course of the run when the suspension was flocculated with 75 g
tonne ~' and pipe residence time of 10 seconds. The bed height was maintained
at 1 m for the duration of the experiment. The underflow density fluctuated
between 0.20 and 0.24 v/v with an average of 0.21 v/v. The column was also

operated at a lower flocculant dose of 25 g tonne . The average underflow flow
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Solids flux of flocculated calcium carbonate slurry as a function
of underflow solid concentration for: 0 0.1 m; ¢ 0.2 m; A 0.4 m;

x 0.6 m; © 0.8 m; and + 1.0 m bed heights. The 0.3 tonne m
h ™' column results are represented by the red squares; while the
0.03 tonne m > h ' flux data by the blue circles

rate and solids concentration for each dose are shown in Table 4-10.
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Table 4-10 Effect of flocculant dosage on underflow solids volume fraction

Dosage  Avgunderflow  Avg UF Solids Solids flow Solids flux
(g tonne ) rate (mL. min"") Volume Fraction  (tonne hr™') (tonne m *hr ")

25 826.6 0.14 0.017 0.26
75 511.8 0.22 0.017 0.26
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Figure 4-19  Underflow solids concentration as a function of time when pilot
column operated with a constant 1 m bed and feed flocculated at
75 g tonne ~'in a 10 m pipe reactor.

Figure 4-20 compares the measured underflow density with the model predicted

underflow density for two different flocculant dosages. When flocculated at
75 g tonne ', the measured underflow density (0.21 (v/v)) was within 1 % of the
model predicted value (at a solids flux of 0.3 tonne m *h™"). When the flocculant

was decreased from 75 to 25 g tonne ! the UF solids volume fraction decreased

140



to 0.139 (v/v). This could be expected from R(¢) alone, since the column was

operating under permeability limited conditions. Reducing the polymer dosage
caused the sedimentation rates to slow, and accordingly the solids flux is expected
to decrease. Figure 4-20 shows that while the model correctly predicts the
direction of the shift in underflow concentration, the predicted underflow

(0.075 v/v) was considerably lower than the result from the column (0.139 v/v).
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Figure 4-20 Predicted underflow solid concentration versus solids feed flux;

x 75gtonne ' flocculant and 10 m pipe; + 25 g tonne '
flocculant and 10 m pipe; m underflow solids from pilot column
(75 g tonne ' flocculant, 10 m pipe) A underflow solids from
pilot column (25 g tonne ™' flocculant, 10 m pipe)

The explanation is not clear at this stage, although data presented in later
chapters intimate that a major factor could be the sensitivity of flocs to shear at
low solid concentrations. These results indicate that deviations are more likely

for weaker flocs and longer residence times in the column. In terms of model
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assumptions, in particular the appropriateness of the material characterisation to
the conditions in the column, the shorter residence times (low bed heights) and
higher flocculant dosages are most likely to satisfy this assumption. In fact, these

cases were closest to the predicted model outcomes.

4.7 Conclusions

Initial dewaterability characterisation and simulation established a set of operating
conditions for the pilot thickening column. The 1-D model was validated by
operating the column under pseudo steady state conditions for two different
solid fluxes, 0.3 and 0.03 tonne m >h™" fluxes, bed heights ranging from 0.3 to
1.0 metre, and two different flocculant dosages. The agreement between model
prediction and column outputs was reasonable, with predictions differing from
experimental values by between 1 and 20 %. This is considered a good result
considering the lack of control over operating conditions, (slurry feed rate,
flocculant dosing etc). It must be remembered when assessing the performance
of the model, that substantially larger discrepancies between model prediction

and thickener output have been observed, see Figure 1-3.

Therefore, under idealised and approximately one-dimensional flow, the model
was considered validated. The remainder of this thesis is devoted to studying
conditions for which the current model assumptions are not expected to be valid,
i.e. when shear is taken into account. The following chapter begins by

introducing a method for characterising suspension dewatering subject to a shear

tield.
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Chapter 5

Effect of Shear on Compressive Rheology

5.1 Introduction

A large amount of information concerning the inter-relationship between shear,
flocculant type and concentration and the subsequent formation of aggregates
has been established [139]. Inside the feed well, shear affects flocculation kinetics
by influencing both the frequency of particle collisions and distribution of
flocculant [81, 134, 135]. In comparison, relatively little is known about the
dewatering properties of a suspension once flocs have formed under given shear
conditions. Understanding the relationship between shear, aggregate structure
and dewatering is clearly important; since not only the size and settling rate of
aggregates is important but how the aggregates dewater when shear and
compressive forces are applied. This knowledge is necessary to predict or

optimise thickener behaviour where compression or raking effects are important.

Previous studies have demonstrated that gentle agitation greatly improves
dewatering [77]. The energy input by shear allows the particles or flocs to
consolidate to higher solid volume fractions in shorter times [146]. Likewise,
Channel [28, 29] showed that when shear was applied during filtration, the
dewaterability of the cake improved considerably. However, the effect of shear
on dewatering is not beneficial in every case, and is likely to depend on the
magnitude of the shear rate. For instance, Novak and Bandak [33, 125, 157]

demonstrated that when high shear was applied, the suspension dewatering
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performance actually deteriorated. While such studies clearly demonstrate the
importance of shear to dewatering phenomena, they do not quantify the effect of
shear on dewatering, nor do they provide any indication of the shear rates

typically involved.

The aim of this chapter is to quantitatively assess the role shear plays in the

dewatering of flocculated suspensions. This can be achieved by measuring the

dewatering parameters Py(¢) and R(¢) for a range of shear rates. From

Chapter 2, both of these parameters are non-linear functions of solids
concentrations and depend on the type of solids, flocculant type and
concentration, aggregate formation conditions and post formation shear
conditions. Therefore, quantifying the relationship between shear, aggregate
structure and dewaterability is clearly not a straight-forward process as there is a
wide range of variables to consider. Suspension dewatering under shear is
studied in Couette geometry.  Consequently, the shear rate is directly
proportional to the rotation rate (through azimuthal velocity gradients). A
compressive force; either due to gravity or mechanical loading can be applied
simultaneously. Mechanical compression could be useful to investigate shear in
processes involving high amounts of compression (such as deep cone thickeners

or filters). In this work however, only gravitational compression is considered.

5.2 A mechanism for dewatering with raking

In order for solid particles to rearrange into a more closely packed space, the
particle network must at some point fail. Failure can occur due to either changes
in the total stress or the hydrostatic (pore) pressure of the fluid. Such changes
might arise as a result of a sudden change in the thickener bed height or the

movement of a rake. In fact, it is the combination of total stress and pore
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pressure that governs the compressive and shear strength of a flocculated
network. According to Terzaghi’s principle, any measurable effect caused by a
change in stress state, including compression and shear deformation, must
involve a change in effective stress [146]. The effective stress is directly
proportional to a critical or yield stress, defined as the shear stress developed
along a slip surface when shearing at a constant volume. Hence, a reduction in
effective stress, due for instance to a sudden increase in pore pressure, effectively

reduces the strength of the material in shear.

A networked suspension can fail by at least two mechanisms. The first
mechanism involves a change in the network stress, which could arise from
mechanical raking or shear stresses at the wall or conical base surface. If this
stress exceeds the critical shear strength, which in turn is related to the bridging
forces holding the polymer and particles together, the bonds will break. The
particle is then released and free to occupy a vacant positions with a lower
gravitational potential, so that a denser structure results. The second mechanism
involves compression of material by the rake blade. This results in an
instantaneous increase in pore pressure in front of the blade. The increased pore
pressure causes a corresponding decrease in effective stress (Ao ) according to
equation (2.7), and consequently the maximum shear strength is reduced by A7

causing possible failure.

Because the fluid and particles are incompressible, consolidation to a higher
solids volume fraction must involve displacement of entrained water. The low
pressure region behind the blade could provide a potential escape route for this
water. Thus, a third possible mechanism can be proposed; the formation of
channels.  Observed improvement in dewatering due to raking has been
attributed to channel formation and the increased permeability these channels

cause [70, 112, 157]. Because the channel provides a more direct escape path for
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the liberated water, the hydrodynamic drag experienced by the particles is lower
and so R(¢) decreases accordingly. In a full sized raked thickener, any of the

above mechanisms could contribute. To determine which mechanism dominates
requires an experimental technique capable of isolating one or more mechanism.
Stirred settling experiments are popular for mimicking the effect of raking on
dewatering [84]. However, because all of the above mentioned mechanisms
potentially compete, little mechanistic information is obtained. In contrast,
Couette flow has no appreciable pressure gradients; therefore the effect of shear

can be isolated.

5.3 Theory of concentric cylinders

5.3.1 Rheology characterisation

To characterize the steady state rheology of non-Newtonian fluids, the ideal
geometry is two parallel planes. The shear stress (calculated as the ratio of
tangential force to planar area) is uniform throughout the sample and the shear
rate is calculated simply by the ratio of velocity to planar distance. However, the
usefulness of these devices is limited in practise by leakage and end effects. An
alternative to parallel plates is to use two concentric cylinders, since the flow
patterns are similar to parallel plates [110]. A schematic of a concentric cylinder
rheometer is shown in Figure 5-1. Concentric cylinder rheometers are popular
since they are relatively inexpensive, simple to operate and require small volumes
of sample. However, exact determination of the shear rate is difficult unless a
fluid model is known or assumed « priori [129]. The accuracy of the shear analysis
depends on the ratio of the cylinder radii and the nature of the non-Newtonian

fluid in question [108].
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Figure 5-1 Schematic of a Couette device

In Couette geometry, under steady shear conditions and in the absence of wall
slip, the fluid flows at an angular velocity v,, where 0 <v, < (see Figure 5-2).

The 6 component of the equations of motion, in cylindrical coordinates is

written;

1 0/,
——~(#r.)=0 5.1
7"2 57” ( r¢9) ( )
which, upon integration yields;
c
Ty=a (5.2)
r

where the constant ¢ can be determined from the known stress boundary

condition. The torque on the outer cylinder is the product of shear stress,
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and the

surface area and lever arm, giving 7' =7, -27RL-R,. Then c= Py
r

stress is determined via;

T

T, =—
0
" 2xLr?

For purely tangential flow the shear rate can be written;

5.3.2 Shear rates in a concentric cylinder device

At low volume fractions (¢<¢g) a particulate suspension exhibits the same
rheological behaviour as the carrier fluid, which is usually Newtonian. Then the
relationship between stress and strain is linear, i.e. 7 = uy and the shear rate

can be determined analytically. However, suspensions with an average solid

volume fraction greater than ¢, tend to display more complex rheology.

For non-Newtonian suspensions, the shear rate is a non-linear function of shear
stress and depends on the material, flocculant type and flocculation conditions.
The relationship between stress and strain for generalised Newtonian fluids is

written as;
T=-7A

where the scalar quantity 77 is the non-Newtonian viscosity. The viscosity 77 can

be expressed as an assumed function of A:A, where A:A is the second

invariant of the rate of deformation tensor.
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Figure 5-2 Velocity profile in a fluid contained within two concentric
cylinders, the outer rotating at €2

Empirical models describing the shear stress, shear rate dependence include; the
two-parameter power law, Bingham, and Cason and the three-parameter
Herschel-Bulkley models. The rheological behaviour of concentrated 0.2 w/w
calcite suspensions was measured by Mosquet [110] as a function of polymeric
dispersant concentration. Increasing polymer concentration caused both the
yield stress and plastic viscosity to decrease due to particle stabilisation effects.
At a concentration of 0.83 mmol L ™' the fluid flow was approximately

Newtonian. The model parameters are shown in Table 5-1.
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Table 5-1 Parameters of the Herschel-Bulkley fluid model for a 0.2 w/w
calcite suspension

T, m n
No polymer  10.5 3.94 0.381
0.83 mmol/L.  0.03 0.0023 0.9823

In multidimensional form, the Herschel Bulkley model is expressed as;

2

A for%(‘r 1T)>7,

(5.6)

A=0 for%(‘r:‘r)<r2

=1,

where 7 is the yield stress, m and n are model parameters (often referred to as

consistency and flow index respectively), T is the stress tensor and A is the
stretching tensor. The scalar products A:A and T:7 ate the second invariants

of the second order tensors A andt. The appropriate expression in
equation (5.6) depends on the value of %(‘t : T) = AZZT&'Z . Since 7,,is the
[

only non-zero component of 1 in Couette flow;

%(‘r : ‘r) =z, (6.7

Thus, when

Trez‘ is less than the 7 the stretching tensor is identically zero (zero

strain, i.e. the fluid does not flow).

For fluid in tangential annular flow the second invariant of A is;
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V(A:a)= {r%(%@ﬂz (5.8

If equation (5.8) is substituted into equation (5.6) the following relation between

stress and velocity field results;

d (v, !
T.o= Ty +M(VE(TJJ (59)

To determine the shear rate it is necessary to evaluate the tangential velocity, v, .

Substituting equation (5.9) into (5.2) and rearranging yields;

d(ﬁjz L s (5.10)

b
(%—ry} ds (5.11)
S

ro\¢f c %ds
vg(r)zvg(Rl)+(ﬁl!(S—2—ryj = (5.12)

Equation (5.12) gives vy as a function of r. Determining the shear rate now
becomes an exercise of solving ¢. In fully sheared flow the non slip boundary

conditions at the outer cylinder yield =R, and v= V(Rz) =0. Hence;
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R A
R, ¢ d
vH(Rz):vg(Rl)+(m%]J.(S%—ryj TS (5.13)

_ _ R V(e as
£(e)=vR,) vH(Rl)—{ %jj(z Tyj : 614

The value of ¢ can be found using an iterative root solving technique such as

Newton-Raphson method.

(5.15)

Once the constant ¢ is determined, the shear stress can be calculated at all radii

using equation (5.2), while the shear rate is calculated using equation (5.9).

5.3.3 Yield stresses, gap sizes and flow instabilities

If the material possesses a yield stress, the problem of determining shear rates in

Couette flow is compounded. The yield stress is a function of solids volume

fraction (@), and for volume fractions above the gel point, the yield stress

increases exponentially with ¢. Because the shear stress decays with increasing
distance from the rotating surface, it is possible that the stress falls below the
yield stress at some point, in which case fluid beyond this point in the annulus
will not be sheared. The conventional methods for determining shear rates
outlined in section 5.3.2, no longer apply since the reduced gap width is not taken

into account [13].
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To ensure that material within the annulus is completely sheared, the size of the
gap can be reduced or the rotational rate Q increased. A small gap is preferable
since yield surfaces and other non uniformities are exacerbated with large gaps
because the stress decays exponentially with distance. However, because
aggregates can grow to sizes of millimetres, the gap size cannot be too small. To
ensure a continuum within the gap, the width should be at least ten times greater
than the average size of the aggregates [163]. An upper limit also applies to the
rotation rate. To ensure that the flow between cylinders is laminar and purely
tangential, and that no flow instabilities develop, the angular velocity cannot
exceed a critical value. The onset of flow instabilities was first predicted by
Taylor who visualised flows between rotating cylinders to confirm his
predictions. The instabilities appear as pairs of counter rotating toroidal vortices

stacked upon each other.

5.4 Experimental

Transient batch settling tests were performed in a double walled Couette

apparatus. Three polymer dosages and six different shear rates were investigated.
In each test, the suspension-supernatant interface h(t) was measured until

equilibrium was reached. In a separate series of experiments, the Couette device
was replaced by two alternate rake configurations to mimic raking (see Figure

5-4).

5.4.1 Equipment

The double walled Couette shear device comprised three concentric cylinders,
shown schematically in Figure 5-3. The inner and outer cylinders were kept

stationary while the middle (shaded) cylinder was rotated at a constant velocity.
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The cylinders were constructed from polyacrylate tube of nominal thickness 3

mm. The dimensions of the cell were R; = 0.035 m, R, = 0.048 m, R; = 0.051 m

and R, = 0.060 m so the resulting gap widths were 6; =R, —R; =0.013m and

0,=Ry—R;=0.009 m. The radius ratios were 77; = % =0.73 for the inner
2

and 77, = R%4 =0.69 for the outer. The height of the cylinders was 0.5 m so

that the aspect ratio I' was 38.46 and 55.56 for the inner and outer gaps
respectively. The cylinders were held in place by a stainless steel end cap.
Rotation of the middle cylinder was driven by a variable speed overhead motor

(IKA Eurostar SV PCZ) with a gearbox ratio of 1:50.

50 cm

v

R1 R2 R3 R4

Figure 5-3 Schematic of the Couette shear cell used in sheared batch settling
experiments

Additionally, two simple raking devices (see Figure 5-4) were used in place of the
Couette, to simulate raking in a thickener, where normal stresses could be
important. The horizontal rake consisted of a vertical central shaft attached to
which were approximately 20 horizontal prongs (5mm diameter and 50 mm

length). The vertical rake consisted of four vertical prongs, (5 mm diameter and

154



300 mm length) welded to a horizontal arm. The space between prongs in both

L

Figure 5-4 Photograph of the vertical (left) and horizontal (right) “rake”
configurations used in the sheared batch settling experiments

cases was 12 mm.

5.4.2 Procedure

Concentrated calcite suspensions were prepared at a solids concentration of
0.4 w/w using tap water. The suspensions were mixed by an overhead stirrer for
approximately 60 minutes to ensure homogeneity. Flocculation occurred
continuously in a linear pipe reactor (12.5 mm ID and 1.8 m in length) with a
single addition of flocculant. Just prior to entering the pipe reactor the
concentrated 0.4 w/w suspension was diluted by metering tap water to produce a
0.1 w/w suspension. Each of the flocculant, dilution water and concentrated
slurry flows were regulated using PID control. The flocculant flow rate was
adjusted to give the specified flocculant dose. A density meter was installed on
the slurry line after the water addition point to monitor the feed density over the

duration of experiments. When flows had stabilised the vessel was filled from
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the pipe reactor, the motor was turned on at the specified rotation speed and the
height of the suspension-supernatant interface was measured. The change in
interface height with time was recorded using a Sony TRV50 digital video camera
for a period of two hours. A halogen lamp provided backlight to increase the
contrast. Three flocculant dosages 20, 40 and 60 g tonne ' and 6 different
rotation rates 0, 2, 3, 4, 6, and 8 rpm were investigated in the Couette device. For
the raked experiments, the procedure was similar, with the pipe reactor feed
being fed instead to a 1 L. measuring cylinder filling to a height of approximately
0.4 m. For the raking work, only one dosage 40 g tonne ' and 6 rotations speeds

0,1, 3,5,7,9 rpm) were investigated.

Figure 5-5 Photograph of Couette cell after two hours operation. Two final
interface heights can be easily distinguished. Note that in the
central un-sheared region was not filled
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5.4.3 Shear rate distribution

An important objective was to ensure that the chosen geometry and rotation
speeds provided shear rates relevant to thickening. In a raked thickener bed,
shear rates vary significantly depending on the position in the bed. However, as a

guide shear rates typically range between 1 and 20 s™". Because the suspension is

settling, the concentration and therefore rheology (n, m and 7)) is not constant,

instead depending on both time and position (r, 19,2) so that exact

determination of the shear rate at any time is difficult. To simplify matters, two
limiting cases were considered. Initially, the suspension is dilute and thus
behaves as a Newtonian fluid. The shear rate can be calculated analytically [14]
and is shown in Figure 5-6 as a function of radial distance. After several minutes
of settling, sediment forms with a characteristic shear yield stress. The yield
stress depends on the solids concentration, which in turn increases with normal
stress [114]. In batch settling, because the normal stresses are typically only a few

Pascals, it is unlikely that the yield stress (7,,) will exceed more than around 20
Pa. Assuming 7y of 20 Pa, and average volume fraction of 0.08 (v/v), the shear

rate distribution was calculated using a Herschel-Bulkley model with 7 =0.69
andm=5. The data is presented in Figure 5-7. To achieve shear rates in the
range 1-20 s™' in the Couette geometry specified in section 5.4.1, rotation rates

ranging between 1 and 20 rpm were required.
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Figure 5-6 Shear rate as a function of radial distance in Couette shear cell for
a Newtonian fluid

The shear rate profiles for the Newtonian fluid were more uniform and the
maximum shear rate was lower than the corresponding non-Newtonian fluid
profiles. For Newtonian fluids, the calculated shear rates varied by less than
1s ', at any given rotation rate, while variation for a non-Newtonian fluid is
somewhat higher, ranging between 2.5 to 8 s™' across the gap. Compared to the
typical shear rate variation in a raked thickener, these differences are relatively
minor. While both average and maximum shear rates across the gap can be
determined, the maximum shear rate is quoted throughout this thesis, since the

maximum shear rate dictates whether a certain sized floc of is likely to break

when stressed.
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Figure 5-7 Shear rate as a function of radial distance in Couette shear cell for
a Herschel-Bulkley fluid

5.5 Results and Discussion

5.5.1 Initial raked experiments

Figure 5-8 shows the hindered settling function of kaolin flocculated at two

dosages, 250 and 1000 g tonne ! as a function of rotation rate. As a result of

1

increasing the dose from 250 to 1000 g tonne , the hindered settling function at

the initial solids concentration, R(¢0) decreased between 4 and 9 times. The
greatest change in R(¢,) occurred at intermediate rotation rates (between 3 and
7 rpm). In this speed range, R(¢,) was almost independent of rake speed.

When the highest rotation rate was employed (9 tpm), the change in R(g,) was

smaller (4-5 fold decrease). This response is similar to when the suspension was

un-raked. This suggests that both the speed of the rake and flocculant dosage
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must be considered together when studying dewatering of flocculated systems.

Only the initial settling rates were measured in this work — the analytical solution

for R(¢4) up to ¢#, was not developed at the time — so quantitative dewatering

information was available for the initial solid concentration only.
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Figure 5-8 Hindered settling function of kaolin

at ¢,=0.01 (v/v) as a

function of the rake rotation rate for two different flocculant
dosages

Figure 5-9 shows the average volume concentration after raking continuously for

2 hours. The average solid concentration was calculated from the final bed

height, from ¢, = @4, / h, . By increasing the rake speed, the equilibrium height

decreased, such that the average final solids in the bed increased. This trend was

generally observed, although slight differences between the two flocculant

dosages were observed. For the lower dose, the average solids concentration

peaked at approximately 0.06 v/v when the rake speed was 5 rpm. Increasing the
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speed beyond 5 rpm, actually caused the average solids concentration in the bed
to decrease. However, when a higher polymer dose was applied, while the
average solids concentration still peaked at 5 rpm, further increase in rake speed
did not change the solids concentration. This outcome is in contrast to the
usually observed result for un-raked suspensions. For rotation speeds less than 5
rpm, there was little difference in average solid concentration between the two

polymer dosages.

5.5.2 Transient settling in Couette shear cell

Figure 5-10 shows the suspension and supernatant interface h(t) as a function
of time for a series of batch-settling tests in the Couette. In each test the initial
height (0.40 £ 0.004 m) and concentration (0.105 £ 0.05 w/w) were the same
allowing ditrect comparison between the h(t) curves measured for different

dosage and shear rates. Three bands are evident corresponding to the different

flocculant dosages from left to right; 20, 40 and 60 g tonne ~'. 'The solid data

points correspond to h(z) in the central un-sheared region. In the absence of

shear, the equilibrium height, /4, was noticeably higher than when shear was

applied.
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Figure 5-10  Batch settling curves in the Couette shear cell for calcium
carbonate flocculated with 20 g tonne™' m,40 g tonne™' A and
60 g tonne ' ® added flocculant under zero shear and optimum
shear rate (5.8 s7)
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When sheared the shape of h(¢) changes significantly compated to the un-
sheared h(t) The initial linear region slope is identical in both cases; however,
when sheared, the linear region of h(t) increases to longer time. When the
sheared /(t) curves eventually become non-linear, they follow the behaviour
non-sheared %(¢) behaviour so that the equilibrium height is lower.

Interestingly, the deviation between sheared and un-sheared h(t) curves

occurred at a solid volume fraction well below the gel point. This suggests that
shear is affecting hindered settling prior to the formation of a stress-bearing
network. It is not clear whether this is due to changes in the hydrodynamic
forces experienced by individual particles, or whether hindered settling is
somehow affected by the change in gel point and the different compressive
behaviour that ensues. Under shear, the final height was the same irrespective of
flocculant dose. However, un-sheared, a difference was observed. The final
heights from highest to lowest corresponded to dosages of 60, 40 and 20
g tonne '. This suggests that the network resistance to compression increases in

proportion with the amount of polymer added.

Figure 5-11 and Figure 5-12 show the effect of shear on dewatering for two
different polymer dosages. The former shows h(¢) data for 40 g tonne ' while
the latter shows the same data for 60 g tonne . In the 40 g tonne ' case, the
sheared curves overlap, while in the 60 gtonne ' case, the h(z) curves fan

probably on account of the higher network strength. Figure 5-12 shows that the
linear to non linear transition occurs at progressively longer times with increasing

shear rate so that the equilibrium bed height decreased. The exception to this
trend is the h(r) curve corresponding to the highest shear rate (7.7 s™'). This

demonstrates that shear improves dewatering up to a point. However, too much

shear can have an adverse effect.
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Figure 5-11 Batch settling curves in Couette shear cell for calcium carbonate

flocculated with 40 g tonne ' added flocculant in 1.8 m length
pipe reactor
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Figure 5-12  Batch settling curves in Couette shear cell for calcium carbonate
flocculated with 60 g tonne ' added flocculant in 1.8 m length
pipe reactor
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5.5.3 Horizontal Rake

The above results for the Couette shear cell demonstrate that pure shear (i.e. no
rakes) improved dewatering up to a critical shear rate. Now it remains to be
established how the shear in the Couette compares to a rake where both shear
and pressure gradient act in unison. Did raking produce significantly different
results to shear in the Couette shear cell, and if so, which performed better? To

compare the two mechanisms, flocculated calcite suspensions were prepared

exactly as before. The suspensions wete then raked and /(¢) measured. Figure

5-13 shows h(t) curves for different rake speeds. It is evident that the trends

observed in the Couette, apply equally when raked. The final height was
significantly lower in all cases when compared to the un-raked result. The final
bed height was a minimum when the rotation rate was 8.4 rpm. Thus, this

rotation rate was designated the “optimum” rotation rate for the rake..

Figure 5-14 compares the optimum raked result with the optimum result
obtained using the Couette device. This shows that there is a difference between
raking and pure shear. While the final bed heights are the same for both
methods, the final height is reached much faster in the Couette. While this does
not prove conclusively that dewatering occurs by shear-assisted failure
exclusively, it does demonstrate the importance of shear in suspension

dewatering.
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Figure 5-13 Horizontal raked batch settling curves for calcium carbonate
flocculated with 40 g tonne ! added flocculant in 1.8 m length
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Figure 5-14  Optimal raked and Couette shear cell batch settling curves for
calcium carbonate flocculated with 40 g tonne ™' added flocculant
in 1.8 m length pipe reactor
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Figure 5-15  Horizontally and vertically raked batch settling curves for calcite
flocculated with 40 g tonne ' added flocculant in 1.8 m length
pipe reactor.

5.5.4 Vertical Rake

A vertical rake configuration was chosen to promote channel formation, which
has not been observed so far in the Couette settling tests studied so far. In the
earlier kaolin work reported in section 5.5.1, channels were observed forming
when a vertical rake was used; however, no channels formed when the horizontal
rake was used. The kaolin suspension dewatered faster when a vertical rake was
used, presumably because of channel formation. However, with calcite no

channels were observed with either rake configuration. As such, there was
virtually no difference between h(r) for the two blade configurations (see Figure

5-15). It is difficult to make generalised statements regarding channel formation
based on the limited data available other than to say that channelling does not

appear to be an important factor with flocculated calcite. Further work involving
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a wider range of materials and flocculant types is required to better understand

the role of channelling.

5.5.5 Dewatering Analysis
5.5.5.1  Couette shear cell

The batch settling data of sections 5.5.2, 5.5.3 and 5.5.4 was analysed and P, (¢)
and R(¢) data extracted as outlined in Chapter 2. 'This data is shown in Figure
5-16 through to Figure 5-27. FEach P (¢) and R(¢) curve comprises data

obtained from both batch settling and filtration experiments. The filtration data

was used primarily to fix the high end of P, (¢) and R(¢#). Measurement of

P (¢) and R (¢) for freshly flocculated material and material that had been

sheared in the Couette showed that the filtration results were not sensitive to the
shear history of calcite.  Consequently, the same filtration data is used

throughout.

Figure 5-16 and Figure 5-17 show P}(gb) and R(¢) for calcite suspension

flocculated at 60 g tonne ' and sheared at six different shear rates. Without

shear, the material gel point was approximately 0.22 (v/v). However, when shear

was applied, the P, (¢) curves shifted to the right (for P, (¢) less than 1 kPa).

As a result, the gel point increased to between 0.3 and 0.38 (v/v) depending on
the shear rate. This result implies that the network strength was affected by
shear. The higher the shear rate, the more compressible the sediment became
(up until a critical shear rate). If the critical shear rate is exceeded, the improved
compressibility decreases. In the 60 g tonne ' case, the maximum compressibility

occurred at a shear rate of approximately 6.1 s~
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Figure 5-16.

Figure 5-17
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Figure 5-17 shows the effect of shear on R(¢) In the absence of shear, the
R(¢) of calcite was significantly higher than R(¢) measured with shear. For
example, when ¢ = 0.16, R(¢) is 1 x 10° un-sheared. When shear was applied,
the same value of R(¢) corresponded to ¢ = 0.2 v/v; an improvement of 25%.
Also, R(¢) diverge at a solid volume fraction significantly less than the gel point.

For 60 g tonne™', the R(¢)curves diverge at ¢ ~0.08, well below the gel point
g g gelp

0.22 v/v).
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Figure 5-18 Compressive yield stress as a function of solids volume fraction

for calcite flocculated with 20 g tonne ' added flocculant and
sheared in Couette shear cell

Figure 5-18 and Figure 5-19 show R(¢) and R(¢) for calcite flocculated at

20 gtonne ' and sheared at the same shear rates as before. At this lower

flocculant dose the sediment was most compressible when a shear rate of 2.3 s ™
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was applied. Increases above 2.3s™' caused the sediment to become less
compressible and approach the un-sheared result. Therefore, the sediment again
showed a maximum in compressibility with shear, although this maximum
corresponded to a significantly lower shear rate. This is because a higher
flocculant dose can sustain higher shear rates. Therefore, to fully characterise the
effect of shear on dewatering, both flocculant dose and shear rate must be

considered together. Figure 5-19 shows that like the higher flocculant dose,
R(¢) improved significantly with shear, although no clear trend was evident with

respect to shear rate.
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Figure 5-19 Hindered settling function as a function of solids volume fraction
for calcite flocculated with 20 g tonne ' added flocculant and
sheared in Couette shear cell.

Figure 5-20 and Figure 5-21 compare P, (¢) and R(¢) for three flocculant

dosages and two different shear rates, 0 and 6.1 s '. The un-sheared P, (¢) data
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lie to the left in Figure 5-20, while the sheared data lie to the right. The un-
sheared gel point increased progtessively with flocculant dose from 0.23 v/v at
60 g tonne' to 0.27 at 20 g tonne '. This could be predicted based on network
strength considerations. However, when sheared the 20 g tonne™' case became

the least compressible, followed by the 60 g tonne ' and 40 g tonne ' cases. The

greatest change in P, (¢) as a result of shear occurred at the highest dose. At 60
g tonne ', the change in gel point due to shear (A¢&) was 63 % of the un-

sheared value. At the lower dosages, Ag, was 49 and 32 percent for 40 and 20 g

tonne ! dosages respectively.
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Figure 5-20  Compressive yield stress as a function of solids volume fraction
for calcite flocculated with 20 g tonne '
m, 40 g tonne ' A,60 g tonne ' ® added flocculant at zero shear
(solid) and maximum shear (hollow).
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Figure 5-21 shows the effect of flocculant dosage and shear on R(g). As

expected, R(¢) decreased as the flocculant dose increased. In the absence of
sheat, this observation applied for volume fractions up to approximately 0.2 v/v.
At a solid volume fraction marginally less than the gel point the R(¢) curves

cross over. This implies that while increasing flocculant dosages increase the
sedimentation dynamics below the gel point, the opposite is true when the solids
are in compression. With shear, the same phenomenon was observed, however
R(¢) cross over at a higher solids concentration, between 0.26 and 0.3 (v/v)
depending on flocculant dosage. Thus, overdosing of flocculant is not as

problematic, when the system is sheared. Figure 5-21 also demonstrates that the
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greatest improvement in R(¢) arising from flocculant overdosing occurs at low

solid volume fractions.

5.5.5.2  Horizontal Rake
The horizontal rake showed similar dewatering trends as the Couette shear
device. Figure 5-22 shows P, (¢) for calcite suspensions raked with a horizontal

rake at different speeds. To the left of Figure 5-22 lays the curve corresponding

to no raking. As the rotation rate increased, the curves shifted progressively to

the right. Figure 5-23 shows that R(¢) displayed similar behaviour to the
Couette shear device. The zero shear R(¢) curve lies cleatly above a band of

raked R (¢) curves; however, no clear trend is evident R (¢) between the various

rotation rates.
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Figure 5-22  Compressive yield stress as a function of solids volume fraction
for calcite flocculated with 40 g tonne ' added flocculant and
raked with a horizontal blade at 2.5, 4.5, 8.4 and 12.1 rpm
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Figure 5-24 Compressive yield stress as a function of solids volume fraction
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Figure 5-24 and Figure 5-25 compare P, (¢) and R(¢) between Couette shear
and raked settling tests. ‘These results represent the maximum dewatering
possible in each device at a dose of 40 g tonne . Figure 5-24 shows that the

P, (¢) in each case is almost identical. This suggests that the method by which

one “disrupts” flocculated calcite has little bearing on P, (¢). While no real
difference in P, (¢) was observed between the rake and Couette, R (¢) did show
a difference (see Figure 5-25). For all #<¢, the R(#) measured using the

Couette device was lower than the cortesponding R(¢) in the rake. This was

despite the fact that the gel point change was identical in each case. One
explanation for this result is that the Couette constantly shears the entire
suspension, while the rake only shears material in the immediate vicinity of the

blade.
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5.5.5.3 Vertical Rake

Figure 5-26 and Figure 5-27 compare P, (¢) and R(¢) for two different raking

configurations; horizontal and vertical. No channels were observed to form with

either rake and the h,¢ curves were identical for both rakes. Therefore it is not

surprising that P, (¢) and R(¢) are the same.
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5.5.6 One-dimensional Thickener Model Results

Modelling of gravity thickeners using one-dimensional models can lead to
significant differences between the prediction and thickener output, as discussed
in Chapter 4. If the thickener were remodelled with the shear modified
compressive yield stress and hindered settling function used as inputs instead, a
new predicted flux curve is obtained. Comparison of this flux curve to the
previously un-sheared result allows the effect of shear on thickening to be

quantified.

Figure 5-28 shows the model prediction for the calcite sheared in the Couette

shear cell at three different dosages. The predictions were made based on P, (¢)

and R(¢)for the zero and optimum shear rate. The results show that the
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predicted solids flux required to produce a given underflow concentration

increased when shear is taken into account. The enhancement is greatest at the
60 g tonne ' dose; approximately 10 times the un-sheared prediction when ¢, =
0.3 v/v. The increase in prediction is slightly less for the other dosages; between

6-8 times, for ¢, = 0.3 v.v.

100 ¢
F [ ]
(] = 0 rpm 20 ppm
o6 rpm 20 ppm
10 £ A 0rpm 40 ppm
— Pk 46 rpm 40 ppm
Tﬁ ;4 e 0 rpm 60 ppm
; { o 6 rpm 60 ppm
f 1k N
N—'
x
=
LL
nw 01 ¢
=
o) !
N
&
0.01 ' 0%
o
o
I .
0.001““““““““‘éﬂ‘-‘ow““
0 0.1 0.2 0.3 0.4 0.5 0.6

Underflow Solids Concentration, ¢, (V/v)

Figure 5-28  Predicted solids flux as a function of underflow solid
concentration for 3 different flocculation conditions and two
different shear conditions (Couette) for a 1 m bed of calcite.

In the absence of shear, the model predicts that the 60 g tonne ' dose should
allow the highest solids flux for a specified underflow concentration. The
difference between solid fluxes for varying flocculant dosages is greatest at low
underflow solid fractions. Above an underflow concentration of 0.3 (v/v) the
difference is negligible. When shear is taken into account, the highest flocculant

dosage still gives the best dewatering result. This is true for underflow solids
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concentrations up to 0.45 (v/v), considerably higher than 0.3 (v/v) in the absence
of shear. The benefit of shear to solids flux is highest at dense underflow solids
concentrations (>0.3 v/v). This is true for all flocculant dosages. When the solid
volume fraction is less than 0.15 (v/v), there is little difference between the

sheared and un-sheared throughput predictions.
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Figure 5-29  Predicted solids flux as a function of underflow solid
concentration for 40 g tonne ' flocculation dose, 1 m bed of
calcite. Sheared in Couette A and horizontal rake X

Figure 5-29 shows the one-dimensional thickening model output for suspensions
that were either sheared in the Couette or raked. For a given solids flux, the
predicted underflow solids density increases due to shear. The amount by which
the underflow density increases because of shear depends on the solids flux. At
high fluxes (>1 tonne m > h™") shear has little effect since the residence times are
too low. At low fluxes (<0.01 tonne m >h™") compression due to the weight of

the bed is the dominant factor and the effect of shearing or raking is insignificant.
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Thus, the maximum benefit from raking the sediment is expected when the

thickener operates at intermediate fluxes between 0.01~1.0 tonne m*h™".

5.6 Conclusions

A Couette geometry was used to quantify the effect of post formation shear on
the dewatering by measuring P, (¢) and R(¢) for a range of shear rates. The
role of flocculants in changing the dewatering properties of aggregated particulate
suspensions has been examined. A critical shear rate transition has been
observed between beneficial and detrimental effects in dewatering of added shear
in manipulation of the flocculated aggregate structure.  The degree of

improvement depended on both shear rate and flocculant dose.

The mechanism of network failure under shear and compression was considered
by comparing the Couette results to dewatering in a series of raked batch settling
tests with different rake configurations. The results showed that dewatering was
faster when sheared in the Couette device compared to simple raking,
demonstrating the importance of shear to dewatering. These findings also raised

issues concerning how and where the shear is applied. The compressive yield

stress Py(¢) in the presence of shear decreased, while the gel point of the

material increased, suggesting a more densely arranged network structure forms.

The hindered settling function R(¢) was similarly affected; the un-sheared
suspensions exhibiting a higher R(¢) than the sheared ones. For solid volume

fractions of less than 0.1 (v/v), the difference in R(¢)between the sheared and

un-sheared was negligible. One dimensional thickener modelling showed the

maximum improvement that could be expected from a rake. In the case of
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flocculated calcite, a maximum raking factor of 10 was obtained for a shear of

5.8 s in the Couette cell for @, = 0.3.
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Chapter 6

Shear characterisation of an industrial thickener

feed

6.1 Introduction

In the previous chapter the compressive rheology of flocculated calcite was
characterised under steady shear conditions. This helped quantify the role of
shear in enhancing suspension dewatering and identify a critical shear rate, above

which, this enhancement due to shear diminished. The material dewatering

properties P, (¢) and R(¢) determined can be used to model dewatering

performance for a range of operating conditions. Simulated dewatering in the pilot
column (section 5.5.6) indicated that the predicted solid flux required to yield a
given underflow concentration, increased by a factor between 5 and 10 times,

when a critical shear rate was applied in the laboratory.

The aim of this chapter is to compare the steady state thickener model prediction
with thickened underflow sampled from an operational thickener. To
demonstrate the material property characterisation and modeling process at full
scale, a mineral sands site in southern Western Australia was chosen for

investigation. The clay rich tailings from the extraction process were fed to a

conventional thickener. The material properties P, (¢) and R(¢) are determined

as a function of shear rate and these parameters are used to simulate dewatering in

the thickener. Differences between the model prediction and operational reality

183



are examined and elements of thickener operation which are presently pootly

understood are identified

6.2 Experimental

6.2.1 Sampling

Several 5 L samples were collected from different locations of the feed-well at a
depth approximately one metre below the surface. For each sample, cylinder
setting tests were performed and the settling rates measured. Next, two 40 L
samples, (prior to flocculation in the feed well), were collected for subsequent
laboratory shear tests. Finally, a 20 L. sample of underflow material was collected.
A small sub sample of each of the feed, feed-well and underflow samples was
dried overnight to determine the solid concentration. The results of all solid
concentration measurements are shown in Table 6-1. The data shows that that
the solid concentration varied significantly as a function of feed well position,
and most likely time, so that the solids distribution in the feed well was highly
non uniform. It is likely that dilution by the up flowing water in the feed well
contributes to this non uniformity. Consequently, determining an average
settling rate was difficult since the settling rate depends on solids concentration
and flocculant dose, which both varied. The feed solids concentration prior to
the feed well was more constant, varying between 0.0318 and 0.0380 (w/w)
depending on sample. Likewise, the underflow concentration was constant and

approximately 0.17 v/v.

6.2.2 Flocculation

To mimic the flocculation process occurring in the thickener feed well, a 1 litre

measuring cylinder was filled with the un-flocculated feed and flocculant was
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injected using a syringe. The flocculant was a high molecular weight, non ionic
polymer. The volume and concentration of polymer were calculated to provide
an equivalent gram per tonne dosage as applied operationally. A dose of
600 g tonne ' was used. The measuring cylinder was capped, and inverted several
times to flocculate. The number of inversions was varied until the settling rate
equalled the average settling rate of the samples collected from the feed-well.
The inversion method was repeated a number of times until reproducible

flocculation was achieved.

Table 6-1 Solid Fraction Results (w/w)

Sample 1 Sample 2 Sample 3
Feed solids concentration
(prior to feed-well) 0.0318 0.0380 o
Feed concentration in feed-well 0.0362 0.0317 0.0255
Underflow Solid concentration 0.167 0.172 -
Dissolved solids in overflow <0.001 <0.001 <0.001

6.2.3 Couette Modification

The effect of shear/raking on the settling behaviour of the flocculated sample
was measured using the controlled shear Couette device. In this work a slightly
smaller Couette was used in comparison to the device described in Chapter 5.
The new dimensions, shown in Table 6-2, were chosen to reduce the volume of
the device, and therefore the volume of sample required. The sheared
experiments follow the same procedure described in section 5.4.2. The height of
the suspension-supernatant interface was measured for two hours. In total, nine

different shear rates were investigated, (see Table 6-3 for details). Batch settling
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tests in each of the Couette devices resulted in the same h(t) as measured in 1 LL
measuring cylinder, in the absence of shear. Therefore, it is unlikely that wall
effects in the smaller geometry will influence the results. The h(t) data was
analysed according to section 2.4.1, and P, (¢) and R(¢) were determined as

functions of shear rate. The Newtonian shear rate distribution is shown in Figure

6-1. By assuming 7, of 20 Pa, and average solid volume fraction of 0.08 (v/v),

the non Newtonian shear rate distribution was determined as previously
described in Chapter 5. The Herschel-Bulkley model parameters used were

n=0.5 and m=0.927. The resulting shear rate distribution is presented in

Figure 6-2.
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Figure 6-1 Shear rate distribution in outer gap and inner gap for a

Newtonian fluid
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Table 6-2 Couette shear cell dimensions

Radius (rnm) o (mm) % Annular area (mz)
0
R, 22 i
7 0.7586 1.69 x 107
R, 29
R, 35
6.5 0.8433 1.56 x 10
R, 415

Shear rate (s ™)

0.022 0.027 0.032 0.037 0.042
Radial distance (m)

Figure 6-2 Shear rate distribution in outer gap and inner gap for a Herschel-
Bulkley fluid (n = 0.5, 7 = 0.927, 7, = 20 Pa)

6.3 Results and Discussion

Figure 6-3 shows the results of batch sedimentation tests performed on the

flocculated feed and the effect of shear on the short (free settling) and longer (1-2

hours) sedimentation process. The settling rate of the flocs in Figure 6-3 (1.88
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0.3 mh "), was close to the average settling rate in the feed-well, although as
already noted, there was a wide variation observed in the operational feedwell.
The results of the settling tests show fairly conclusively the effect of shear rate on
dewatering. Like calcite in Chapter 5, the final bed height progressively decreased
as the shear rate increased. A minimum bed height of 5.2 cm was reached when
a shear rate of 13.78 s ' was applied, almost three times lower than the final
height when no shear was applied (13.2 cm). However, further increasing the
shear rate from 13.78 to 16.51 s ' caused the final height to rise from 5.2 to 6.2
cm. At this shear rate the settling rate is noticabely slower suggesting that at a
shear rate of 16.51's ' other factors including the onset of flow instability and
possible floc breakup are interfering with settling. Although the optimum shear
rate of 13.78 s ' was more than twice the optimum shear rate determined for
calcite in Chapter 5, the value is still a low value relative to shear rates tpically

associated with floc formation (often >100 s_l).

Table 6-3 Rotation rates and shear rates in Couette shear device

Rotation Rate Maximum shear rate (s ')  Average shear rate (s~

1 rpm 2.75 0.58
2 rpm 4.66 1.17
3 rpm 6.36 1.77
4 rpm 7.96 2.36
5 rpm 9.48 2.96
6 rpm 10.85 3.56
8 rpm 13.78 4.75
10 rpm 16.51 5.95
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6.3.1 Flocculant optimization

Figure 6-4 shows the final equilibrium height as a function of shear rate. The
solid concentration in the bed is clearly a maximum at a shear rate of ~ 1457,
This result can be applied in two possible ways. The first is to adjust the shear
rate inside the thickener so that it corresponds to the optimum shear rate
identified in the experiment. In theory, the shear rate could be adjusted in several
ways including varying the rotational speed of the rake, or modifying the type,
height, or pitch of the rake blade. However, this approach is not always practical,
especially for operational thickeners. The high torque motors driving the rake are
usually quite limited in their speed and torque range. Modifying the rake design is
equally unfeasible, without a back up thickener, since stopping production to
empty the thickener and install a new rake is a costly and time consuming

exercise. The second possible application could be to change the optimum or
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critical shear rate so that is corresponds to the shear rate in the thickener. This
could be achieved by tailoring the chemistry or physical properties of the
polymer. This requires some research and design on the part of the flocculant

suppliers although this information is already known to some extent.
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Figure 6-4 Equilibrium bed height as a function of shear rate in Couette
shear cell

Figure 6-5 and Figure 6-6 show R(¢) and P (¢) respectively as a function of
shear rate. Like calcite, the shear rate has a significant effect on both P, (¢) and

R(¢). The gel point for the un-sheared sample was approximately 0.026 (v/v)

(or 0.066 w/w). When shear was applied, the gel point shifted to progressively
higher concentrations until at the optimum shear rate the gel point was
0.08 (v/v), neatly four times higher than if no shear was applied. The increased
gel point signifies that the aggregates have compacted under shear, such that

network formation is initiated at a higher concentration. Increasing the shear rate
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beyond the optimum caused the gel point to decrease. This is likely to be either
an artefact of the flow structures interfering with the sedimentation and
consolidation process or break up of flocs. It has been established in shear
rheology that an inverse relationship exists between yield stress and particle
size [171] so that floc break-up is expected to result in a decrease in the gel point.

Figure 6-7 replots the data of Figure 6-5 as a function of shear rate. For ¢ less
than 0.03, R(¢) was independent of shear rate, up to the critical shear rate of
14 57, while for ¢ above 0.03, increasing the shear rate to approximately 14 s
caused R(¢) to decrease. Above 1457, R(¢) began to increase for all volume

fractions. Thus, the critical shear rate not only indicates the extent of dewatering,

it also determines the rate at which dewatering occurs.
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Figure 6-8 shows the predicted flux from the pseudo 1—D model as a function of
underflow solids concentration using the data of Figure 6-5 and Figure 6-6 as
model inputs. Based on an average value of the solids throughput and the
thickener cross sectional area (see Table 6-4), the operating point for the
thickener was calculated. Given that the thickener had a volumetric feed
throughput of 2250 m’ hr™', a diameter of 13.5 m, height of 6 m and flocculant
dose rate of 600 g tonne ', equating the volumetric flow rate to the feed solids
concentration gives a solids throughput of between 71 and 85 tonne hr ' or an
average solids throughput of 0.2 tonne hr ' m™>. The data is shown in Figure 6-8.
Examining the model output for the data characterised in the absence of shear,
the predicted flux of 0.0015 tonne h™' m™* was more than 100 times lower than
the actual operating flux of 0.2 tonne h™' m™®. However, when shear was applied
to the settling suspension in the Couette device, the predicted flux increased by a

factor of 10 at the measured underflow solids concentration.

Thus, the error was reduced to a factor of ten. This result may still appear a poor
correlation. However, this result reflects the current state of the art and is
consistent with other results reported by workers from the same research
group [155]. Data collected over a several year period from numerous operating
sites reveals that the model under-estimates the actual throughput anywhere from

1 (good correlation) to 100 times. (see Figure 1-3).

Table 6-4 Physical properties of the thickener

Thickener volumetric throughput (m>h™") 2250

Thickener diameter (m) 13.5
Height (m) 6
Flocculant dosage 600 g tonne '
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The fact that the mode correlates well for selected cases suggests that it is unlikely
that the model is the root cause of the discrepancy, but rather the inputs to the
model. The data of Figure 6-8 shows that when taking shear effects in the
thickener into account, the model approaches the operational point; however, a
more rigorous examination of the deficiencies of the model is still required. A
simple comparison between the clay system examined herein and calcite (in
Chapter 5) suggests that the effect is greater for clay than for calcite (refer to
Figure 6-9) so that the effect of shear on dewatering is not universal This might
be expected since effects such as over-flocculation are known to result in more

robust flocs.

Several explanations can be given to account for the observed difference between
the 1—D model prediction and the thickener operating point. As pointed out in

Chapter 4, it is possible that the 1-D model is simply incapable of predicting the
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bulk flow phenomena typical of large-scale thickening device. However,
multidimensional analysis has revealed that a maximum solids flux exists and
approaches the 1-D prediction [97]. Therefore, by accounting for
multidimensional behaviour including recirculatory flow and stress anisotropy,

the error between the model prediction and plant data can only increase relative

to the 1—D case.
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Figure 6-9 Change in model predicted flux for calcite in tall column sheared
atOand 65

A major limitation to interpreting the effect of shear in full-scale thickening is the
inability to properly define shear rate. The range of shear rates explored in the
laboratory was selected based on those typically encountered in conventional
raked thickeners. However, because no CFD modelling of this particular
thickener had been undertaken, it is possible that shear inside the thickener was

significantly higher in certain zones than the shear applied in laboratory. The
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shear rate depends on the angular velocity of the rake, and thus increases
proportionally with radial distance. Material near the wall will be subjected to
much higher shear rates compared to material near the centre of the thickener.
Because of the disparity in shear rate, dewatering may be improved in one area
and impaired in another. To further complicate matters, material does not
consolidate in a fixed lateral position; instead, material at the bottom of the
thickener is transported radially inward through raking (on average). Thus, to
solve this problem, the shear rate distribution must be known, as well as the
spatial variation of particles as a function of time. Shear anisotropy is less of a
problem in the tall column, introduced in Chapter 4. Because the shear can be
accurately defined and also varied if necessary, continuous dewatering in the pilot
scale column is considered as an alternative. 'This will form the basis for the

experiments appearing in Chapter 7.

Another issue is that as the solids settle and consolidate, the shear yield stress in
the sediment could exceed the shear stress in the gap and consequently part of
the sediment will not experience shear. The outcome may be a lower equilibrium
solids volume fraction than would have been attained otherwise, affecting both
gel point and compressive yield stress measurement. A possible solution is to
ramp the shear rate. Although the results indicate that shear rates above 12-
14 57" adversely affect sedimentation, once the sedimentation zone disappears,
this may no longer apply, because the bed can sustain higher shear. Therefore,

1

during settling a shear rate of 12-14s might be applied, and during
consolidation the shear rate could be increased further and improvement
monitored. Densification studies in other types of flocculated systems have

reported success using this approach [103].

The shear strength and subsequent deformation properties of sediments are

governed by the magnitude of effective stress, and also by the past shear stress

196



history [38]. Failure requires that either the normal or shear stress exceeds a
critical value. Shear enhancement therefore represents a complicated relationship
between shear and normal stress. Thus, it is possible that the response in
dewatering due to shear depends on the magnitude of the normal stress in
addition to the shear stress. In the laboratory, shear was applied under effective
normal stresses of no more than a few Pascals. In contrast, vertical stresses in
thickeners can exceed 1 kPa. In effective stress terms, 300 Pa is typical for
laboratory settling, while in a thickener stresses 5 kPa or above are typical. Even
if the shear rate in the laboratory was identical to the thickener, the shear is
necessarily applied under a much lower relative normal stresses, and thus,

different dewatering behaviour could result.

Despite the array of proposed explanations accounting for the observed
difference between the 1—D model and the thickener underflow solids
concentration, the maximum predicted operational point is still significantly less
than reality. Careful analysis of the experimental arrangement suggests that the
characterisation method for measuring the hindered settling function and
compressive yield stress may not be representative of continuous dewatering in

thickener devices, even with the application of shear.

When considering the time evolution of the shear modified hindered settling and
compressive yield stress data, it is clear that using batch sedimentation
methodology is not appropriate. If the & vs. ¢ data contained in Figure 6-3 is
transposed to /1 vs. @, the time of shear for solids at concentrations less than the
gel point is very short, of order seconds. The time evolution of shear at the
equivalent concentration in a thickener at steady state is likely to be of order tens
of minutes to hours. This idea forms the basis for the experimental studies

reported in Chapter 8.
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It is interesting to question whether the thickener operating point could have
been determined empirically by simply assuming that the escape of water was not
limited by the suspension permeability. If that were the case, the maximum
solids would be instead dictated by the operational torque capability of the rake,
which in this example restricted the underflow solids concentration to a shear
yield stress less than 10 Pa. This value represents a solids concentration only
marginally greater than the maximum predicted gel point. Without shear, the gel
point was found to equal 0.066 w/w, but when an optimum shear rate was
applied, the gel point increased to 0.187 w/w. Interestingly, the observed
underflow solids was 0.169 * 0.003 w/w indicating that while the Couette shear
device may have failed to quantify the rate effects associated with shear
dewatering, the compressional and floc densification effects were adequately

captured.

6.4 Conclusions

The operation of a full scale thickener has been simulated using a one
dimensional thickener model. A large discrepancy between the model output and
the operational point of the thickener was observed. The difference was partially
accounted for through the incorporation of the effect of shear into the
consolidation and settling behavior of the flocculated feed to the thickener. This
result suggests that shear is important; by accounting for shear effects the

observed difference between the model prediction and plant data was halved.

The work indicates that further experimental development is required,
particularly in relation to understanding the time evolution of the effect of shear
on flocculated suspension dewatering. The development of these methodologies
is seen as critical to providing improvements in the performance of thickening

devices. These areas are explored in the Chapter 7 and Chapter 8.
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Chapter 7

Operation of a continuos pilot thickening column
with shear

7.1 Introduction

The aim of this work is to gain a better understanding of the effect of shear and
compression on thickening. The pilot scale tall column (introduced in Chapter 4)
was used to continuously dewater flocculated calcite under controlled
flocculation conditions. Material is sheared at a known rate by rotating a series of
concentric cylinders so that the column essentially behaves like a large scale
Couette device. The Couette geometry was chosen over a more traditional rake
for the same reasons as in Chapter 5; i.e. shear is more easily quantified in
Couette flow. The shear rate can be easily modified by varying the cylinder
rotation rate. Thus, dewatering at several different shear rates can be compared
with the 1—-D model predictions for the same corresponding shear rates. The
ability to quantify and control the shear in the column represents a significant
advantage over full scale studies. The plant data presented in the previous
chapter could not be compared to the model since the shear rate in the thickener

was unknown.

Some of the key questions this chapter aims to address include;

— What is the effect of varying shear rate on the underflow solids

concentration at a constant feed flux and bed height?
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— Does the effect of shear depend on bed height?

— Can the one-dimensional model predict dewatering when the system is

sheared?

7.2  Shear in a compressing bed

Most of the continuous thickening studies described in Chapter 4 utilised a raking
device. Raking has been found to significantly improve dewaterability in
thickening [33, 46, 77]. Johnson et al [77], examined the relationship between
dewatering, shear and polymer dose by operating a 6.0-metre thickening column.
By slowly raking alum sludges at a speed of 1 rpm, a significant increase in
underflow concentration was observed. After ten hours operation, the underflow
concentration increased from 3.5 to 10%, while after 60 hours, the concentration

increased further to 17%.

Comings reported similar results when calcite was slowly raked [33]. The
concentration profile (Figure 7-1) shows that in the region of the rake, the
concentration rose rapidly from 270 g L. ' to any where between 340 and 500
g L. 7! depending on the residence time. The increase was higher for longer

residence times, with the bed height constant.
This present study differs from those mentioned above in two important ways;

— the effect of varying shear rate on column dewatering is considered

— the effect of bed height at different shear rates is considered

It is emphasised that the column is operated at a solids flux where dewatering is
expected to be permeability limited. Consequently, the underflow solid volume

fraction is not expected to change if the bed height is increased.
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compression zone height 0.9 m; feed concentration = 0.017 v/v.

reproduced from [33]

7.3 Experimental

The tall column was operated at a solid flux of 0.3 tonnem > h™' so that
dewatering is expected to be limited by the permeability. Three bed heights were
investigated; one, two and four metres. The column was operated continuously
until steady state was attained. Then, steady shear was introduced by rotating the
concentric cylinders at a fixed speed. For the one-metre bed, three rotation rates
were considered; 1, 10 and 20 rpm. For the higher bed heights only zero and 10
rpm were considered. The shear rates in the column corresponding to the above

rotation rates are approximated in Table 7-1. The nominal shear rate is estimated

using;
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7.3.1 Materials

The material and flocculant were the same as described in Chapter 4. Flocculant
solutions were prepared at 5 g I, according to the procedure outlined in section
3.4. Fresh working solutions (0.2 g ") of polymer were prepared every 24 hours

and excess solution discarded.

7.3.2 Column modifications

The tall column, described in Chapter 4 was modified to allow continuous,
operation for extended periods under shear. Longer operating times were
deemed necessary to allow steady state to be established. The modifications

included;

— extending the column height from 2 to 5 metres, to enable the
investigation of higher beds than in Chapter 4

— designing and installing a series of concentric cylinders to provide shear.
The cylinders were 100 cm in height and positioned at a distance 40 cm
above the cone apex

— installing a scraper blade in the cone section to prevent material

accumulating on the surface and prevent the possible formation of rat

holes

Figure 7-2 shows the column from above and includes the cylinder dimensions,
while Figure 7-3 shows the front elevation. The outer cylinder was rotated by

attaching it to a stainless steel shaft which was driven by an overhead-geared
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motor, see Figure 7-4. The motor output corresponded to rotation rates ranging
between 0 and 20 rpm. To produce Couette flow, the inner cylinder had to be
kept stationary. This was achieved by attaching the inner cylinder to a stainless
steel outer sheath, which fitted over the shaft. The vertical position of the
cylinders could be adjusted by loosening two grub screws, which attached the
cylinders to the shaft/sheath, see Figure 7-4. Therefore, any region could be

sheared.

The scraper was driven by a high torque motor gearbox mounted underneath the
cone. The maximum scraper speed was approximately one rpm. Because of the
scraper, the underflow take off point was no longer centrally located, instead
being shifted to one side of the cone. Furthermore, the scraper unavoidably
sheared the material. Because it is difficult to de-convolute the effect of the

scraper and the cylinders, the scraper was not used in the following experiments.

Table 7-1 Dimensions of concentric cylinders and nominal shear rate in tall
column;

Radius IV Rortjgon Shear rate RO;;;;OH Shear rate Rortjion Shear rate
mm R st s s
(mm) © wpm O pm O pm O

R, 95

0.4318 1 0.08 10 0.79 20 1.59
R, 22
R, 25

0.4201 1 0.08 10 0.76 20 1.51
R, 59.5
R, 625

0.4355 1 0.08 10 0.81 20 1.61
R, 1435

203



287 mm

Figure 7-2 Cross-section of tall column with Couette type shear device

5m

Tm

v

Figure 7-3 Tall pilot column with internal concentric cylinder shear device
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7.3.3 Experimental method

Feed suspension was sampled from the pipe outlet and h(t ) measured in the

Couette device for three shear rates: 0, 4.1 and 10.8 s . The procedure was the
same as outlined in section 5.4.2, while the Couette device was described
previously in section 6.2.3. The shear rates include the optimum shear rate
determined from earlier batch settling studies, while an intermediate shear rate

was also considered.

The tall column and ancillary equipment is shown schematically in Figure 7-5.
Concentrated calcite suspension was prepared at 40 % w/w using local tap water.
An approximate volume of 3.5 m’ of suspension was prepared by adding 1845 kg
of calcite to 2.77 m’ of water. An overhead stirrer mixed the suspension for

twenty-four hours prior to use. When the tank level dropped below fifty percent,
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calcite and water were added in the same ratio to restore the tank level back to

tull capacity.

The concentrated slurry was blended with tap water to produce a 10% w/w
suspension. The desired solids flux of 0.3 tonne m™h™ corresponded to a
volumetric flow of 3.0 L. min™'. The feed was flocculated in a linear pipe reactor
similar to Chapter 4, with a diameter of 12.5 mm and length of 1.8 metres. The
flocculant was dosed at 40 g tonne ™' corresponding to a polymer flow rate of
64.8 mL. min~' Each of the flocculant, dilution water and slurry flows were

regulated using PID feedback control, as shown in Figure 7-6.

@ PID

Mains Flocculant

Water ﬂ: @ ] solution

o
Isolating
Overflow
>
Stock ' @ """ P_ID
slurry i
Underflow

Figure 7-5 Upgraded flow circuit incorporating feed back control and online

density measurements. Fc and Pc are flow and pressure
controllers respectively

The flocculated calcite was fed to the column approximately 0.5 metres from the

top. After operating for several minutes, three zones became apparent; a
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clarification zone, a hindered settling zone and bed zone. The bed gradually
increased in height as solids accumulated. Consistent with Chapter 4, the bed is
defined as the interface between settling zone and consolidation zones (see
Figure 4-2). The bed height can be easily detected by eye as a well defined
interface between free (hindered) settling flocs and bed which consolidated as a

whole.

The pressure was measured via a pressure transducer mounted on the conical
base. When the bed reached the desired height, the pressure was recorded, with
this value to be used as the set point for the pressure control loop. The control
involved a feedback signal from the transducer to a variable frequency motor
drive with onboard PID control. The pressure was constantly monitored and any

deviation was corrected by manipulating the underflow pump speed.

Set point

PID

:\7 controller
GD Control

valve

Process
stream

Figure 7-6 Flow control system

Online density meters recorded the mass flow of solid entering and exiting the
column. Flow rates, densities, temperatures and pressure were logged so that the
cause of any perturbation or disturbance could be traced. A digital video camera

was used to monitor the bed height.
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In the one-metre experiment, the bed was relatively constant at 1.0 *0.2 metres.
After approximately 19 hours, steady-state was assumed and samples were
collected (~20 mL) from several heights in the bed, at a vertical spacing of 20 cm.
For each sample, the solid concentration was determined by drying overnight.
After sampling was complete, the concentric cylinders were rotated at a speed of
1 rpm. The column was operated until steady state was re-established. The bed
sampling was repeated and then the rotation rate was increased further to 10
rpm. In total, three rotation rates were investigated for the one-metre bed, while

for the higher beds, only two rotation rates were considered.

7.4 Results and Discussion

7.4.1 Pilot column runs

Figure 7-7 shows the change in flow-rates when the column was operated at a
solids flux of 0.3 tonne m > h™' and one metre bed. Both flocculant and slurry
flow rates were effectively constant for the duration of the run, implying that the
control scheme was successful. The water flow rate did drift slightly; this was
probably due to slight variations in the mains water pressure. The change was

gradual and represented less than 4% of the total flow.

Because the underflow pump was manipulated to control the bed height, the
underflow flow rate varied for the duration of the run. The flow tended to
oscillate because of the integral component of the PID control. Complete
damping of the oscillation was difficult because of the high gain, necessary to
compensate for the slow dynamics. In the first 20 hours, the average underflow
rate increased from 700 mL min ™' to approximately 1400 mL. min'. This reflects
that the underflow solid density was decreasing as the system adjusted from

transient to steady state. To maintain a constant solid mass, the underflow pump
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had to withdraw a greater volumetric rate compensating for the lower underflow

density.
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Figure 7-7 Variation of flow rates of controlled variables for

0.3 tonne m > h™' run at 1m bed

Figure 7-8 shows the variation in pressure when the column was operated at one,
two and four metre bed heights. As expected, an increased bed height
corresponded to an increase in column pressure. For a one metre bed height, the
pressure was 52.8 kPa; for two metres, 54.6 kPa; while for four metres, the
pressure was 58 kPa. Like flow rates, the PID control of column pressure was

effective. This was important in order to maintain a constant bed height.

Figure 7-9 shows the feed and underflow (UF) densities for two bed heights; one
and four metres. The results for a two-metre showed identical trends and have
been omitted for the sake of clarity. For each run, the feed density was constant

and equal to 1080 kg m™. Upon filling the column to one metre, the UF density
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was initially 1265 kgm™. Upon filling to four metres, the UF density was
1390 kgm™.  The higher underflow density is due partly to the higher
compressive load and partly to the longer residence time. The residence times

and bed volumes for each height are shown in Table 7-2.

60

59 4

58 | s s " ﬂ ¥ oL
< 4 metre bed
a 57
S
QL 56
=]
%)
n 554
(0] A Ao
E i / ) 2 metre bed
= 54
IS
=K ORI N Isniia "
O Ll ' 'V’r‘ ha hidh
(@] 52 1 metre bed

51 4

50 T T T T T T

0 10 20 30 40 50

Time (hours)

Figure 7-8 Variation in column pressure for 1, 2 and 4 m high beds

Table 7-2 Volume and residence time for different bed heights
Bed Height (m) 0.5 1 2 4
Volume of Bed (I)  23.5 55.8 120.5 249.9
Residence time (mins) 20 50 155 420
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Figure 7-9 Variation in feed and underflow density for 1 m and 4 m bed
runs

The underflow density tended to be more unsteady than the other measured
variables; as Figure 7-9 shows, a number of concentration spikes are present.
These spikes were a feature of all the tall column runs and occurred more
frequently in the eatly stages of the run (< 20 hours) and were also more
prevalent at higher bed heights. One explanation for the spikes is that solids are
caking (adhering to the cone section) where they consolidate for relatively longer
periods. Intermittently, this material becomes dislodged causing the observed
spikes. Caking is more likely to occur for solids with appreciable yield stress,
which increases with solids concentration, which in turn increases with bed
height. Scraping the cone was not an option because of the additional shear this
would introduce. Even though the concentration spikes are undesirable, it
should be pointed out that when steady state was declared, the underflow solids

concentration varied by less than 3% for the 4 m run (and even less for the 1 m
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bed). This variability is significantly less than expected typically in even the most

well behaved thickeners.

For the one metre bed, it took approximately 19 hours to reach a steady
underflow (UF) density of 1190 kg m™ (0.12 v/v). When shear was introduced
by rotating the cylinders at a rate of 1 rpm, the UF density became unsteady.

Eventually the oscillations stabilised at 1205 kg m ™

or 0.13 v/v. Increasing the
rotation rate to 10 rpm, caused the UF density to increase to 1215 kgm™
(0.135 v/v), while further increasing the rotation rate to 20 rpm caused the UF

density to increase to 1230 kg m ™ or 0.145 (v/v).

For a four metre bed, steady state took considerably longer, approximately 31
hours, to develop. Upon filling, the UF density was 1390 kg m . Then for the
next 12 hours the UF density continually decreased before suddenly rising to
1350 kg m™ where it remained constant for ten hours. ‘This result was
unexpected. Based on the model, the column was permeability limited, in which
case the UF density should have continued to decrease until reaching the same
UF density as in the one metre run. Reasons for this outcome will be discussed

later.

When shear was introduced by rotating the cylinders at 10 rpm, the UF density
rose to 1430 kgm™ where it remained for approximately 10 hours before
suddenly falling to 1330 kg m >, a value slightly less than the UF density without
shear. The reason for the sudden decrease in UF density is not known for
certain, although one possible explanation is that the gap had become partially
clogged so that material bypassed the shearing zone.  Clogging is considered
more likely for the 4 m run, since the average solid concentration, developed

during the transient fill stage, was greater at the higher bed height.
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7.4.2 Shear Characterisation in the Laboratory

Figure 7-10 and Figure 7-11 show P, (¢) and R(¢) of calcite determined from

batch settling tests in the Couette at shear rates of 0 s ' and 10.8 s ~'. Because
P (¢) and R(¢) show the same trends discussed previously in Chapter 5 and

¥y

Chapter 6, these results will not be commented upon here.
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Figure 7-10 ~ Compressive yield stress for tall column feed flocculated at
40 g tonne ' under influence of zero shear and 10.85 5™
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Figure 7-11 Hindered settling function for tall column feed flocculated at
40 g tonne ' under influence of zero shear and 10.85 5™

7.4.3 1-D Modelling
7.4.3.1  Zero Shear

The compressive yield stress and hindered settling functions corresponding to no
shear (Figure 7-10 and Figure 7-11) were input into the 1—D model which
resulted in the solid flux curves in Figure 7-12. Because, the column was
operated at 0.3 tonnem *h™, dewatering should depend solely on the
permeability. Consequently, dewatering should be the same regardless of bed

height.
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Figure 7-12 Thickener solid flux versus underflow for different bed heights
(predicted from an un-sheared batch settling test characterisation)
The dashed line shows the operating flux of 0.3 tonne m > h™

7.4.3.2  Optimum shear

When P (4) and R(¢) corresponding to 10.8 s™ (Figure 7-10 and Figure 7-11)

were input into the 1—D model, the solids flux curve in Figure 7-13 was
obtained. The predicted solid flux in the absence of shear has been shown for
reference. The diamonds correspond to the sheared prediction; while the squares
represent the un-sheared prediction. Both relate to a 1 metre bed. The effect of
shear is to shift the predicted solids flux curves to higher underflow solid
concentrations. For the flux in the column, the UF volume fraction is predicted

to increase from 0.105 to 0.12 (v/v).
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Figure 7-13 Predicted effect of shear on thickener solid flux versus underflow
curves under influence of; O zero shear and ¢ 10.85s™' fora 1 m

bed height

The predicted solids flux curve for calcite, both when sheared at 10.8 s™' and zero
shear are reproduced in Figure 7-14. This time predictions for two bed heights
are shown; 1 and 4 metres. This is done to reemphasise that for the solids flux in
question, dewatering of flocculated calcite is independent of bed height. For
comparison, Figure 7-14 shows the column data on the predicted solids flux plot.

Clearly, the UF concentration did depend on bed height.
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Figure 7-15, plots the experimental UF data shown in Figure 7-14 against
rotation speed for a 1 metre bed, while Figure 7-16 plots the UF solids
concentration against bed height for 0 and 10 rpm. In Figure 7-15, the UF
concentration increases monotonically with rotation rate, and asymptotes to a

value of 0.16 v/v. Thus, it appears likely that shear rates above 1.6 s will not
cause further increase in @, . Figure 7-16 shows that the relationship between

UF solids concentration and bed height is also non linear. For reference the
model predictions for both zero and 10.85 s ~' shear rates are shown (as straight
dashed lines). The figure clearly shows that when both bed height and rotation
rate increase, the column output exceeds the 1—D prediction by increasing
amounts. Thus, discrepancies between full scale modelling and plant data must

involve both shear and bed height effects. The underflow solids concentration

217



for one metre of bed without shear was reasonably close to the model prediction.
Similarly, the model and experimental results for the one-metre bed agree when
the material was sheared. At higher beds the effect of shear was different. The
increase in density due to shear was greatest at the smallest bed height. As the

bed height increased, A¢@, decreased, and at four metres, the two curves cross.

Whether this result is true is questionable. It could be that at a 4 metre bed
height, the solid concentration in the bed was sufficiently high that shearing had
no additional effect. This assumes an upper ¢ limit exists with respect to shear,
which is likely to depend on the material, flocculation conditions, and shear
history. However, given that the UF density initially increased when sheared the

explanation of clogging appears more likely.
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Figure 7-15  Rotation speed versus underflow solid volume fraction for a one
metre bed height
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Figure 7-16 Steady state underflow solid concentration as a function of bed
height for two different shear rates

Figure 7-17 shows the solid volume fraction profile in the two metre bed under
steady state shear. The result shows that the underflow density increased
continuously in the bed indicating that densification occurred. The rate of
change of solids with increasing depth was greatest in the region of shear. At 0.4
metres, the bed concentration was almost 0.3 (v/v), significantly higher than the
measured underflow concentration (0.193 v/v. This could suggest short-

circuiting. Figure 7-17 also shows that for z > 0.8 m, the solids concentration

was lower than ¢, . This is interesting since the interface was at two metres

height. Consequently, 60 % of what was perceived the bed was in fact un-
networked. Remember that the gel point is by definition the solid concentration

at the top of the bed. The region (0.8<z<2.0) could correspond to transitional or

fan region for which ¢ <¢@<¢g, while the observed interface is a shock

corresponding to ¢, .
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Figure 7-17  Solid volume fraction profile of a two metre bed under steady
state shear

The effect of increasing bed height on underflow density remains to be
explained. Normally, the role of bed height in dewatering is considered in terms
of compressive force exerted by the bed; by increasing the bed height, the total
“compressive squeeze” naturally increases. Compression is most effective at low
solid fluxes where residence times are sufficiently long for aggregates to
consolidate. However, in this case the throughput was too high to allow
consolidation to occur. The average volume fraction also depends on the
permeability, or the hydrodynamic drag experienced by the bed which is assumed

to be constant for a given ¢@.
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In Chapter 5 it was shown that if a settling suspension is subjected to shear, the

permeability significantly increased. The change in R(¢) depended on the solid

concentration at which the shear was applied. Because R(¢) showed sensitivity

at solid volume fractions less than the gel point, individual aggregates must be
affected. In the Couette, because of settling, the aggregates experienced shear, at

low solid volume fractions (dy <¢<g,) for only a short duration (seconds to

minutes) before the gel point was exceeded. It is possible that in the Couette
experiments, because of the brief exposure time, the aggregates did not reach an
equilibrium state in shear. In the tall column, aggregates settle at a concentration

¢y <P <@, for far longer periods, and thus shear, whether applied externally (i.e.

from mechanical raking) or internally (fluid stresses and collisions between
aggregates) occur over significantly longer time scales. The potential for this
prolonged, low-level shear to enhance dewatering by changing the structure of
the individual flocs could be an important factor explaining the modelling

discrepancies. This concept will be explored in Chapter 8.

7.4.4 Further work

Clearly there is a great deal of scope to extend the experiments reported in this
chapter and possibly confirm or contradict these findings. In the column the

following work could be performed;

— Shear the material at different heights. This could help identify the
optimum region to shear. Would a different underflow concentration
have resulted had the material been sheared higher in the column?

— Operate at a solids flux where dewatering is compressibility limited. This
would establish a relationship between shear and bed height, when

compressive forces are expected to be important and probe whether a
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four metre bed behaves differently to a one metre bed, under the same

applied shear?

However, before undertaking this work, it was decided to first investigate the

possibility of time dependent restructuring of aggregates, alluded to above.

7.5 Conclusions

In this work, the effect of shear on continuous thickening was investigated at
different bed heights in the column. The effect of shear depended on bed height
of the bed, a result not predicted by the 1-D model. At low bed heights, when
the shear rate was increased from 0 to 1.6 s ', (by increasing the rotation rate
from 0 — 20 rpm), the underflow solid volume fraction increased from 0.11 to
0.16 v/v. The predicted underflow density of 0.1 and 0.12 v/v were slightly less
than these experimental results. Interestingly, increasing the bed height caused
the underflow concentration to increase to 0.17 v/v for 2 metre, and 0.23 v/v
for 4 metres. Shearing the sediment at these two heights had a different effect to
the one metre result. For two-metres, the underflow concentration increased to
0.21 v/v, however, at four metres shear did not cause improvement, dewatering
was in fact slightly worse. This is possibly due to clogging between the cylinders.
The dependence on bed height is difficult to explain through reasoning of
compression because of the high flux. However, the shear sensitivity of flocs,
especially at low flocculant dosages, could introduce a time dependence factor to
the problem, which is not considered in a steady state model. Time and bed

height are directly related in this case since the solids flux was constant.
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Chapter 8

Aggregate densification in a fluidized bed

8.1 Introduction

In the previous chapter, the underflow solids concentration showed an
unexpected dependence on bed height which was not predicted by the model.
The dependence of underflow density on bed height, to the best available

knowledge, is unreported in the literature. Importantly, the model assumes that

P, (¢) and R(¢) do not change as a function of time for a specified ¢. This

implies the aggregate structure (size and density) does not change over time scales
applicable to thickening. However, the constant buffeting of aggregates by fluid
and other aggregates as they settle may mean this assumption is not always
satisfied; and if this were the case, the current dewatering characterisation

methodologies would be deficient.

Changes in floc structure depend on several factors; including shear rate, solid
residence time, and local solid volume fraction. The residence time determines
the maximum time in which an aggregate may break or restructure. For a four-
metre high bed in the tall column considered in Chapter 7, the aggregates spent
over five hours in the column. For a large proportion of that time, the average

solid volume fraction was less than ¢, ruling out compression as the cause for

the increased underflow solid concentration.
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The aim of this chapter is to consider the possibility of time dependent

restructuring of aggregates, by measuring P, (¢) and R(¢) as a function of time.

Batch settling tests in the Couette device are not suitable for investigating
possible time dependency in continuous thickening because of the differences
inherent between batch and continuous dewatering processes. In the Couette

shear batch experiments, suspensions were sheared for two hours. However, the

total time aggregates are sheared at ¢ less than ¢, was short; approximately 100

seconds for the 60 g tonne ' case. To maintain an un-networked suspension for
times comparable to thickening requires that the gravitational force be offset.

This can be achieved by fluidization. By varying the time of fluidization and

subsequently measuring the settling rate, P, (¢) and R(¢) are determined as a

function of time. A change in the dewatering parameters Py(¢) and R(¢)

implies that the aggregates are restructuring over time.

8.2 Floc size, structure and density

8.2.1 Theory of aggregate structure

To interpret and explain changes in P, (¢) and R(¢) that may arise during the

low level agitation in the fluidized bed, a basic understanding of aggregate
structure is required. Floc structure, including size, morphology and mass density

is important, since these dictate the permeability and compressibility.

Generally, aggregates are considered fractal objects [100]. The fractal nature of
flocs can be expressed by a power law relationship between the particle mass

(M) and a characteristic linear length (L);

M o 1%
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where d . is the mass fractal dimension. If M 1is plotted against L on

logarithmic coordinates, a straight line should result, and a’f is found from the
slope [60]. The fractal dimension is a scaling measure indicating how the floc
density varies with size. In three-dimensional Euclidean space, a solid body will
have a fractal dimension of 3. For flocs, df is typically a non-integer number
and can range between 1 and 3. A fractal dimension less than one is possible by
breaking the floc into linear segments so the floc now represents a collection of
points with zero dimension. A defining property of fractal objects is self-

similarity, or infinite nesting of structures independent of the scale of observation

[25, 60].

Equation (8.1) can be written more specifically;

df
N=k| L
do
where N is the number of particles, d is the size of the aggregate, d,, the size of

the primary particles and k is a proportionality constant. In real systems
equation (8.2) is constrained by a lower and upper size limit, which for aggregates

are the primary particle and aggregate size respectively [100].

A feature of aggregate growth is the formation of large open structures for which
the effective density decreases as the size increases. Tambo ez a/ [145] and
Lagvankar [89] observed this behaviour in water treatment flocs. The effective

aggregate density is given by its buoyant density,

Peff = P floc = Pf

while the average solid volume fraction of the aggregate is;
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The density of a floc can be calculated by;

M particles + Mentrained fluid

p =
Sloc Vﬂoc
3 3 3
7Z'd0 d ﬂ'do
N + A ) VA
Pfloc = ﬁd3
6

Thus, substitution of (8.2) into the mass balance above gives the following

expression for effective density;

d d,-3
pe]j’:k d_O

On a log—log plot of floc density versus size, the density should decrease linearly

with size. The fractal dimension is calculated from the slope (see Figure 8-1).

In principle, aggregate growth can occur via two pathways; addition of individual
particles or addition of clusters to a growing floc. Early studies, including
Vold [158] and more recently Meakin [101], simulated aggregation assuming
single particle growth. The aggregates formed in this manner were relatively

dense with fractal dimensions of the order 2.5.
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Figure 8-1 Density versus size on logarithmic coordinates [60]

However, single particle growth models are not relevant to most practical systems
as aggregation occurs more commonly by cluster addition [60]. Simulations and
experiments show that flocs formed by cluster addition are more open and
extended with a fractal dimension of ~1.8 [78]. This is because single particles
can penetrate the floc structure further before they encounter and attach to

another particle or cluster [60].

The fractal dimensions quoted above are for cases where electrostatic repulsion
between particles does not occur. Then, every collision between particles results
in attachment and the growth is limited by how quickly particles can be
transported to the floc. This is known as diffusion limited aggregation (DLA).
However, when repulsive forces are important, the probability of two particles or
clusters bonding is reduced. In this case aggregation is limited by the rate
particles can attach. This is known as reaction limited aggregation (RLA). Fractal
dimensions for RLA are much higher than DLA for arguments similar to particle

addition. For RLA, cluster-cluster addition results in fractal dimensions of
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around 2.1, significantly higher than the DLA case of 1.8. The structures of
aggregates produced by both RLA and DLA are shown in Figure 8-2.

(a) (b)

Figure 8-2 Model predicted floc structure for; (a) RLA (b) DLA taken from
Bushell [25]

8.2.2 The strength of aggregates

The strength of an aggregate is a major factor determining structure and the
propensity for break up under shear. A number of workers have considered
aggregate strength both theoretically and experimentally [1, 8, 54, 55, 103, 132,
166]. Knowledge of aggregate strength allows maximum aggregate sizes and
breakage due to shear to be predicted. These studies also provide valuable

information regarding the breakage mechanism [55].

To model floc breakage, the cohesive force between particles, F, must be
quantified. Tambo and Hozumi [141] proposed a simple model which assumes

that F, is the product of a strength constant and the area of the plane across

which failure occurs, i.e. Foocody.
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Adler and Mills [1] modelled floc breakage by assuming flocs as uniformly
porous spheres. In this case, the local hydrodynamics are governed externally by
Stokes equation (8.8), while inside the aggregate, the Brinkman equation (8.9) is

employed [131].

Vp = ,quu

Vp =V u- (%)(u ~u,)

In these equations, p is the pressure, u is the solution viscosity and k is the
permeability. The Brinkman equation is valid for large and porous aggregates, in
which case the length scale of the change in velocity gradient is larger than the
primary particle size [131]. Only fluid stresses are considered; the contribution
due to particle collision is neglected. By assuming an appropriate failure criterion,

a critical shear stress can be found. Adler et al [1] use Mises yield criterion;
. 2

where o :op represent the deviatoric components of the solid stress tensor and

S is the characteristic strength of the aggregate. Failure is due exclusively to
shear stresses and therefore the isotropic components of the stress tensor are

neglected.

Because aggregates are fractal, the assumption of uniform porosity is generally
invalid. This partly explains the discrepancies between experimental results and
theory [131]. Sonntag and Russel [132] extended the model of Adler et al [1] by
considering breakage of flocs where the solid volume fraction varies as a function

of radial position. Thus, by combining the concept of fractal geometry with
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appropriate solid and fluid momentum balances, they determined the following

yield criterion;

M;mm :fn(d) (8.11)

where 7, is the critical shear rate required to break an aggregate of size d . For

WTmin <1, the aggregate is not expected to break.

Experiments by Glasgow and Hsu [54], and Glasgow and Liu [55] quantified
aggregate strength by blasting flocs with high intensity jets and observing the
disintegration process. The effect of the physicochemical environment on
breakage was investigated by varying pH [54]. For both coagulated and polymer

flocs, the limiting size d,, and breakage force F. were correlated by;

FC oC dlimm (812)

The propensity for aggregates to internally restructure is related to the aggregate
strength.  Restructuring generally forms a denser aggregate and can involve
several different mechanisms. The main two are aggregate breakage and
subsequent reformation; and rotation, folding and twisting of clusters into
denser arrangements without bonds breaking [78]. To restructure by bond
breakage, the energy of inter-particle forces must be overcome and thus shear
rates between 10°—10’ are necessary. Because there is no bond breakage in the

second method, the shear rate required is usually far lower.

Jullien and Meakin [78] simulated three dimensional cluster-cluster aggregate

restructuring and reported an increase in d, from ~1.9 to ~2.1. Population
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balance models have also been applied, providing further evidence for

restructuring, while explaining the aggregation kinetics [126, 147].

Aubert and Cannel [4] observed aggregate restructuring experimentally by
investigating the aggregation of silica under different conditions. For RLA, the
flocs had a fractal dimension of 2.1. With appropriate pH and silica

concentrations, DLLA was induced and the fractal dimension reduced to 1.75.

However, over time the lower density flocs (d, = 1.75) restructured to form

aggregates with fractal dimension 2.08, the same as for RLA. The time scale of

restructuring varied between minutes and hours. After 10 minutes, d swas 1.77;

this increased to 2.1 after 30 minutes; while no change was observed after 60

minutes.

8.2.3 Floc densification

The density of two equivalent sized flocs depends on the primary particle size;
larger particles form denser aggregates assuming flocculation conditions are the
same [31]. Clark and Flora [31] reason that when a floc breaks into smaller
clusters, with a similar density to the primary particle, upon reformation a denser
floc should result. Clark and Flora aggregated latex particles at constant shear
rate (G = 35s") for 30 minutes, then subjected flocs to high shear rates
(between 150 and 1800 s ') for 1 minute to induce breakage. The flocs were
then allowed to reform (at G = 35s ) for 30 minutes. Regrowth was observed
when the high shear was removed and the aggregate density was higher than
initially. The final floc size and density increased with reformation time although
the increase was not monotonic. Peaks in density (and troughs in floc size)
occurred at two different shear rates ~ 350 and 900 s . Clark ez a/ [31] attribute

the oscillatory behaviour to the existence of multiple levels within the floc;
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increasing G successively degrades these organisational levels. The amount of

restructuring was greatest, for lower shear rates. Above ~ 900 s -d ; did not

change.

To achieve dense aggregates Tambo, Wang and co workers [142-144, 161]
describe a pilot scale fluidized bed separator. The fluidized environment assists
dewatering by improving the flocs morphology and settling characteristics. The
suspended solids, BOD and phosphorous removal also improved [161]. By
fluidizing dense, almost spherical aggregates formed, with a density up to ten
times higher than conventional flocs [144]. The dense aggregates, or pellets,
formed via two pathways: addition of single particles to the parent floc, and
mechanical syneresis [145]. Formation of these aggregates occurred over 4 to 5
hours during which time the flocs were constantly agitated. The solid

concentration increased as a result from ~0.25 to ~7 w/w %.

The same authors reported experiments in a 10 cm column [144]. Charge neutral
kaolinite was continually fed into the bottom and a non-anionic polymer was
added. As the aggregate size increased, the feed rate was increased to
compensate for the faster settling rates. A rake was used (shear rate of 30 s ') to
ensure uniform aggregate growth. Flocculant and salt dosages were important, as
effective fluidization occurred over a relatively narrow range. Polymer dosing

was crucial since overdosing led to large clumps, which were difficult to fluidize.

The density of alum-coagulated kaolin (random flocs) was compared with the

density of flocs that had been rotated in a barrel for varying times. The two

flocculation conditions produced different types of flocs, which Yusa [170]

expressed in terms of a floc bulkiness (see Figure 8-3). The bulkiness is the ratio
1

Ploc

of the floc volume to the volume of solids contained in the floc i.e. b=
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The lower slopes of the pelleted flocs imply a higher fractal dimension; a zero
slope would correspond to a d, of 3. Interestingly, an increase in rotation time
caused the density to increase, (albeit slightly); while the slope remained constant.

In this case, the higher density must be due to smaller sizes resulting from floc

break-up rather than aggregate restructuring.

s

Vs

.
Rondom flocs / Rotating time

\",(‘I 15 min
>

Pelleted flocs

Aggregate bulkiness b,

Aggregate diameter, d,,

Figure 8-3 Aggregate bulkiness( Jas a function of diameter [170]

¢ﬂoc

8.2.4 Experimental techniques for determining floc structure

Several methods are available for determining size and density of aggregates.

These include light scattering and sedimentation.

8.2.4.1  Light scattering

A common technique for measuring aggregate structure is small angle static light

scattering [4, 66, 159, 165]. When a light beam strikes a suspension of particles,
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part of the incident light is scattered. For fractal aggregates of monodisperse

particles, the scattered intensity follows a power law relationship;

1(Q)cQ ™ (8.13)

The scattering wave vector Q is a function of scattering angle;
4
0=""10 gin [gj (8.14)

where 77y is the refractive index of the dispersing medium, A is the wavelength
and @ is the scattering angle of the incident light. Thus, plots of I(Q) as a
function of Q yield a fractal dimension. One advantage of light scattering is the
ability to characterise aggregate structure online, as rapid determination of d is

possible. However, no direct visual information of floc structure is obtained and

size determination is restricted to the scattering wavelength vector range of the

. | 1 . . . .
instrument i.e. —<Q<—. Fractal dimensions are often overestimated by light
r i)

scattering techniques, due to a change in dependence of Q near the edges of the

aggregate.

82.4.2  Sedimentation

Direct observation of settling flocs can convey information about their size,
shape, and effective density. Tambo and Watanabe [145] were among the first to
characterise floc density using sedimentation rates. Several others including
Farrow and Warren [47] and Klimpel and Hogg [82] have adopted similar

approaches.
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The determination of density or fractal dimension from sedimentation rates is
complicated by several issues. From Chapter 2, the hydrodynamic force on a

single particle was given by;
Fp = % pruyCpA (8.15)

For spheres settling in Stokes regime, where the particle Reynolds number is less

than 0.2, the hydrodynamic drag coefficient is given by Cp =% . Therefore,

Cp
the density can be determined directly from Stokes equation. The applicability of

Stokes is subject to several assumptions including;

— Particles are smooth spheres so there is zero slip between particle and
fluid

— Inter-particle forces are neglected

—  Wall effects are negligible

— The flocs are impermeable, i.e. no fluid flows through the structure

— Particles are small such that inertial forces are neglected

However, most flocs are not spherical. Random flocculation produces flocs
which range from highly irregular to almost spherical. To estimate settling

behaviour using Stokes, it is necessary to approximate the floc shape as a sphere.
The hydrodynamic drag function depends on particle shape so that C,, must be
modified by an empirical factor. For a sphericity of 0.8, a value commonly

assumed for flocs, C,

is given by 45/Re,, twice the drag experienced by a sphere

of the same size [145].
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Because of the irregular shape, defining an equivalent diameter for use in Stokes
equation is not straightforward. The approach adopted in this chapter is to
approximate the aggregates as ellipsoids. Then, by defining major and minor
axes an equivalent Stokes diameter can be determined; the diameter of a sphere
with an equivalent resistance as the ellipsoid. The main problem with this
approach is that it is often based on 2-D analysis, since 3-D images are difficult
to obtain practically. When a floc is viewed along an axis of symmetry, an aspect

ratio of 1 could indicate either a true sphere or a spheroid (prolate or oblate).

The effect of hydrodynamic interactions is an important consideration. These
interactions are difficult to account for theoretically and consequently, as far as
possible, interactions are reduced by sample dilution. For separation distances 20
times greater than the particle radius the resulting error in C, is less than
5% [73]. 'The role of floc permeability is another area of uncertainty. If
appreciable flow of fluid through the structure occurs, the drag on the floc is

reduced. The effect of the reduced drag becomes increasingly important as the
floc porosity increases, i.e. ((l —¢ﬂoc) - 1). Thus, a porous floc will settle faster
relative to an impermeable object of the same size and density. To account for
flow, the drag needs to be modified. For highly porous flocs with d, <2, the
Brinkman equation can be used, while for df >2, Darcy’s law is more

appropriate. However, because the pressure gradients are small, in most cases

fluid flow can be ignored safely.

Published studies concerning floc structure differ to the work in this chapter in
several ways. First, shear rates are large, typically exceeding 1000s . These
shear rates may represent flow conditions within a feed well; however, these are
likely to be far higher than those encountered when flocs settle outside of the

feed well. Another important difference is that the solid volume fractions
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considered are often low; for example Sonntag used ¢ = 0.0074, in an effort to
reduce the contribution of particle stresses [131]. These studies are interesting
fundamentally; however, it is the study of higher concentration suspensions,

where particle collisions cannot be ignored, that is of more relevance practically.

8.3  Fluidization theory

The role of fluidization is to increase interphase contact, helping improve heat
and mass transfer rates. Fluidization is therefore employed in a range of
separation processes including; adsorption, distillation and flotation. Fluidization
involves flowing fluid counter current to the direction of a force, which in most
cases is gravity.  Fluidization is governed by the same mechanics as
sedimentation, described in Chapter 2. The flow of fluid gives rise to a
hydrodynamic force that partially supports the weight of the particles. The

hydrodynamic force is a function of fluid velocity. The linear fluid velocity, (also
called superficial) is equal to % Therefore, by increasing the volumetric flow

rate eventually a point will be reached where the solid weight is supported entirely

by the fluid. The force balance can be written as,
AP =ho¢Apg (8.10)
where AP is the pressure drop and £ is the height of the fluidized bed.

Figure 8-4 shows the relationship between pressure drop and superficial velocity.
The linear region corresponds to flow through a packed bed where AP can be
predicted using Carman Kozeny or Ergun equations. In this velocity range, the
bed is stationary and solid volume fraction constant. The fluid velocity

corresponding to the maximum pressure drop is the minimum or incipient
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fluidization velocity u,,. By definition, the volume fraction at incipient

fluidization is the material gel point.

8.3.1 Pressure drop in packed beds

The frictional force, and therefore pressure drop AP is related lineatly to the

superficial velocity u, according to Darcy’s law,

u, =K# (8.17)

The hydraulic conductivity coefficient K is given by;

Keeo—— (8.18)

where u the fluid viscosity, a(¢) the specific volume cake resistance, and k(¢)

is the Darcian permeability, related to R(g¢) by [57];

k(9)=—t—" (8.19)

For laminar flow conditions, the Carman-Kozeny equation reasonably predicts
fluid pressure drop. This equation was derived by assuming that the tortuous

flow through the channels of the bed is equivalent to the flow through a series of
tubes of diameter D, and height H,. Pressure drop in this case is given by the

Hagen Poiseuille, equation (8.20).
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—AP  32uu.

8.20
He = 2 (8.20)
A
AP
Unn Superficial
Fluid velocity
Figure 8-4 Pressure drop in fluid as a function of superficial fluid velocity
. . . . (1-¢)4
The tube height H, is proportional to the bed height, where D, == the
B

ratio of flow area to wetted perimeter, and S, is the particle surface area per unit

volume of bed. Therefore, the superficial velocity is found using;

(1-¢) APd;

u, =—0.0055
‘ ¢* uh

(8.21)

8.3.2 Regions of fluidization

Figure 8-5 (a) shows several possible regions of fluidization. These regions
depend on the superficial velocity and fluid phase (gas or liquid). At low fluid

velocities, fluidization is the same irrespective of type. As the velocity
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approaches u,,, the behaviour of liquids and gases begins to deviate. For liquids,

bed expansion occurs slowly and relatively uniformly, a process called particulate
fluidization.  Gases, on the other hand, display what is called aggregative
fluidization in which a dense emulsion phase and a lean bubble phase form. Gas
added in excess of the incipient fluidization velocity passes through the bed as
bubbles. Therefore, aggregative fluidization is unsuitable for the purpose of the

current study and a particulate fluidization is used instead.

Incipient or Aggregative
minimum or bubbling
Fixed bed fluidization fluidization

Gas or liquid Gas or liquid Gas
{low velocity)
(a) (b) ()

Lean phase
fluidization
with pneumatic
Slugging transport

it

¢

Gas Gas or liquid
{high velocity)
(d) (e)

(a) (b)

Figure 8-5 (a) Regions of fluidization (b) Channel formation in fluidized
bed [121]

To describe the fluidization of powders, a classification system is used which

identifies different groups based on their expansion and bubbling properties
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[121]. Highly cohesive materials including cement and flour are difficult to
fluidize as shown by Figure 8-5 (b). This figure shows; on the left, jets and
volcanoes erupting at the surface; while on the right, a bed rising as a discrete

plug [121]. 'These problems are unlikely in the present work, since relatively

dilute suspensions are used with ¢ less than ¢, at all times; i.c. the fluid does

not possess a yield stress.

8.3.3 Minimum fluid velocity

The superficial velocity is determined by substituting Ergun’s equation into the

general force balance, yielding the following equation;

1
Ar=150—20_Re +1.75—Re’ (8.22)
(1_¢)3 mf ¢3 mf
p,Apgd’ u
where Ar:f—z" and Re,, sz—ppf. To calculate the minimum
H ' u

fluidization velocity, therefore requires knowledge of the gel point. Because the
solid volume fraction is less than the gel point, Darcy’s law no longer applies.

However, if the solid concentration is uniform, the fluidization velocity can be

found from R (¢0) since;

R(¢)= W (8.23)

At the point of fluidization, u_ is zero, and the fluidization velocity is given by;

__Apg(1—¢0)

- 8.24
AT 529
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The above equation was used to calculate the required fluid velocity for each of

the fluidization experiments presented in this chapter.

8.4 Experimental

8.4.1 Materials

The material used in these experiments was the same as in Chapter 4 (Omyacarb
10) and AN934 SH flocculant). Polymer solutions were prepared at a
concentration of 2 g L, according to the procedure outlined in section 3.4. The

concentrate was diluted to 0.2 g ™', one hour prior to use.

8.4.2 Methods

The time dependence of dewatering was investigated by fluidizing flocculated
calcite suspensions and measuring the resultant properties of the aggregates;
including its dewaterability (settling rate, equilibrium solid concentration) and its
structure (size and density). The method comprised three key components
namely, flocculation, fluidization and sedimentation.  The experimental
arrangement, shown schematically in Figure 8-0, is essentially the same setup
described in Chapter 5, with a fluidization column instead of the Couette shear

device.

Flocculation was achieved either in a pipe reactor or stirred baffle reactor. Once
flocculated, the suspension was transferred directly to the column. Immediately
after transferring the flocs, water was pumped into the bottom of the column to
keep the flocs suspended. The flow rate was calculated using equation(8.24).
The flow was maintained constant for the designated period while the height of

the suspension and supernatant interface was recorded. After the designated
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time had elapsed, the water flow was stopped and the interface measured as the
suspension settled. Additionally, in selected experiments, a focussed beam
reflectance measurement (FBRM) probe was used to measure changes in the
aggregate chord length during fluidization. Finally, for the two flocculation
methods, a small volume was sampled from the column before and after
fluidization and the density determined by from sedimentation rates of isolated
flocs. Because this analysis is time consuming, only a limited number of cases

could be considered.

Flocculant
solution
Recycle loop | | Baffled reactor
Stock
slurry
Linear pipe reactor
> T
1
Water |
Balance
Figure 8-6 Schematic of experimental fluidization of calcite flocculated

either in pipe or baffle reactor

Figure 8-7 shows a photograph of the fluidization column. The column was
made from acrylic with the dimensions; 460 mm in height, 30 mm in length and
21 mm in width, while the inlet had an internal diameter of 10 mm. The total
volume was 276 mL. The inlet fed into a tapered reservoir 16 mm in height (see

Figure 8-6) which was designed to minimize entry effects due to a sudden
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expansion. A sintered disk, 3 mm thick, with 10 pm pores was fitted over the
reservoir to distribute the water evenly across the column. This was sealed to
ensure water did not preferentially flow up a face or edge. At a height of 210
mm, a 24.8 mm port was installed to allow the insertion of the FBRM probe.
The probe was supported by a 50 mm bracket (see Figure 8-8) and sealed using
three o-rings. The cell was mounted on a horizontal platform (see Figure 8-7).
The platform was supported by three legs, which could be adjusted to ensure the
column was level. This was important, because a small inclination from the

vertical promoted preferential flow so that fluidization was inefficient.

Figure 8-7 Photograph of the fluidization column
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248 Probe body
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50 mm é

Figure 8-8 Schematic of the FBRM probe support

Omyacatb 10 suspensions wete prepared at a solids concentration of 0.15 (w/w).
This concentration corresponded to the solid concentration in the tall column
bed and is significantly higher than the initial solid concentration flocculated in
previous chapters. To demonstrate that flocculation at this concentration is

possible, settling rates and turbidity levels were measured for initial solid
concentrations ranging between 0.1 and 02 w/w. At ¢ = 0.15 w/w,

flocculation was still efficient. Above 0.17 w/w, the turbidity levels began to

increase..

Initially, a linear pipe reactor was used to flocculate calcite at 40 g tonne ~'. The
pipe was 1.8 metres in length, and 0.008 m in diameter. This diameter was
chosen over a smaller 0.006 m ID pipe to reduce shear and promote the
formation of larger, more open flocs, since these are more likely to restructure.
The pipe reactor was operated continuously for approximately five minutes to
allow steady state to develop. The column was then filled with flocculated
material from the pipe outlet. In the first instance, the solid supernatant interface

was measured as a function of time in the absence of water flow. The hindered
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settling function and compressive yield stress for the flocculated calcite was

measured as described in section 2.4. This was necessary to determine the
required water flow rate. From the value of R(¢) at the solids concentration of

interest (0.15 w/w) and the available flow atea, the flow rate required to suspend
the flocs was determined. Prior to filling the column, the inlet pipe was primed
establishing a pressure gradient in the pipe. This was done to prevent flocs from

clogging the pores of the sintered disk.

In the initial series of experiments, the column was fluidized continuously for the
following times; 0, 1, 2, 4, 8 and 24 hours. The column was filled to an initial
height of approximately 35 centimetres. The flow rate required to suspend the

flocs was 32 ml. min ..

The interface was measured at regular time intervals,
between sixty seconds initially and thirty minutes after a few hours had passed.
When the suspension had been fluidized for the specified time, the water flow
was stopped and the interface settling height was recorded more frequently. The
interface height was recorded for 24 hours to determine a final height; however,
this showed that the final height was achieved after approximately two hours.
The water flow rate was logged continuously for the duration of the experiment.

The flow rate was controlled via a PID controller, identical to the one in the

previous chapter.

In a second series of experiments, calcite was flocculated in a linear pipe reactor
under the same flocculation conditions as initially. Instead of fluidizing at 30
mL min "', flow rates less than the critical flow rate were investigated; 15, 20 and

1

25 mL min . Again, the interface was recorded for the duration of fluidization,

which lasted twenty-four hours.

A further series of experiments were undertaken at CSIRO Minerals, Waterford,

Perth. The purpose of these experiments was to measure the aggregate size as a
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function of fluidization time using a FBRM probe. Results for three flocculant

dosages were obtained, corresponding to 20, 40 and 60 g tonne .

A final series of experiments was undertaken at The University of Melbourne. In
these experiments, both a stirred reactor and pipe reactor were used to flocculate
calcite. In the baffle reactor, three different flocculation times were investigated,;
5,10 and 30 seconds. A dose of 20 g tonne ~' and rotation speed of 700 rpm was
used (except for 5 seconds, where the rotation rate was 600 rpm). After
flocculation, material was transferred to the fluidization column. To transfer the
flocculated suspension, the stirred reactor was located directly above the column
so the suspension could be gravity fed. This method intended to reduce shear to
the flocs during transfer. Once transferred, the flocs were fluidized for the
following times; 0, 0.5, 1, 1.5, and 2 hours. After each fluidization experiment,
settling heights were recorded until equilibrium was reached. A balance recorded
the water mass overflowing from the column. This technique was designed to
check that the water flow rate remained constant. For all experiments reported,
there was no significant change in the water flow rate. The above procedure was
repeated using a pipe reactor. The pipe diameter was 12.5 mm ID and 2 metres
in length. The solids concentration was 0.15 w/w and volumetric flow rate 4.3
L/min. The flocculant was dosed at 40 g tonne !, Flocs were fluidized for a

maximum of 2 hours before the settling curves were measured.

8.4.2.1  Focussed beam reflectance measurement

FBRM measurements were made using a M500 field unit (Lasentec, Redmond,
Washington, USA). The probe consisted of a 12 mm diameter window encased
by a 25 mm diameter stainless steel body. The focal point was close to the probe
window. Thus, only aggregates near the wall, at a fixed vertical height were

measured. The probe was positioned at right angles to the column, with the
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window flush against the wall. Measurements were recorded at a 5 second

interval for the duration of fluidization.

8.4.2.2  Floc density measurement

Changes in floc size and density were analysed using the settling test technique.
The procedure was outlined in detail by Hulston [73]. The important aspects and

some modifications are outlined below.

Four samples were analysed. Two samples were flocculated in the pipe reactor,
the other two in a stirred baffle reactor. For each flocculation method, a sample
was collected immediately after flocculation. A second sample was collected after
fluidizing for 2 hours. The flocs were sampled using a wide bore pipette. The
large bore diameter was significantly larger than the largest floc reducing shear
during sampling. Flocs were immediately diluted by placing them in a water dish.
During transfer, flocs tended to settle within the sampling tube leading to
possible densification or aggregation. To reduce this likelihood, each sample was

collected and diluted as quickly as possible.

The floc density was measured by introducing a sub sample of flocs into a
rectangular settling column. The settling column is shown in Figure 8-9. The
column was rectangular with dimensions 470 x 20 x 30 mm. The cell was made
from perspex. The column was filled with deionised water; the same fluid used
to prepare the suspension. To ensure flocs fell within the focal plane, a 5 mm
diameter inlet tube was used to guide the flocs. The tube was located 200 mm
above the level of the camera lens so entry effects could be ignored and terminal
velocity reached. Using a 4 mm diameter pipette, flocs were transferred from the

sample reservoir to the inlet tube.
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A digital CCD camera recorded the size and settling rates of the flocs. Settling
was recorded in a second dimension using an analogue camera positioned
orthogonal to the first camera. Using this approach, the assumption of ellipsoidal
aggregate shape could be verified. Flocs which were radically non uniform in
shape in either direction were rejected. The cameras were calibrated using a small
reticle, accurate to one tenth of a millimetre. An LED light provided
backlighting, increasing the contrast and assisting the image analysis. The
additional light enabled a faster shutter speed, reducing the possibility of motion
blur, especially for the faster settling flocs. To maximise the depth of field, the
aperture was set to a minimum, creating further need for a LED light source.
Once all flocs had settled pass the camera a further aliquot was introduced. This
was repeated until a statistically sufficient number of flocs was analysed, as a
guide in 6 hours, 200 to 300 flocs were measured. At the completion of each
run, the solution temperature was measured allowing the density and viscosity to

be calculated.

Images were captured at a frame rate of 40 frames per second; this frame rate was
required because of the relatively quick settling rates. The resulting image
sequence (“movie”) was saved as “avi’ files using Adobe® Premiere and
converted to “tiff sequences”. Individual frames were exported sequentially as
“tiff” files and analysed using the “Scion Image for Windows” image analysis
software. A visual basic macro automated the analysis of individual frames, by
recording in a series of text files the Cartesian coordinates, the cross sectional
area, lengths of the major and minor axes, and the particle angle. The text files
were imported into Excel and calculations were performed to determine the floc
size, settling rate and density based on the theory and assumptions outlined in

section 8.2.4.2. For further information on the macro and image analysis, the

reader is referred to Hulston [73].
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Figure 8-9 Settling column used to measure floc density

Figure 8-10  Frames from video footage of flocs settling in FDA column

8.5 Results and Discussion

Figure 8-11 shows the variation of the interface height with fluidisation time for a

flocculated suspension formed in a pipe reactor at a flocculant dose of
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40 g tonne . In total six curves are shown; corresponding to five different
fluidization times, ranging between 1 and 24 hours. Each data set represents a
separate experiment.  The un-fluidized curve (0 hours) is included for
compatison. The height has been normalised against initial height 4, This
caused the height versus time for each fluidization experiment to collapse onto a
master curve. Normalisation was necessary, because although an effort was made

to fill the column to the same /,, some variation occurred. Calculations, based
on predetermined R(¢), showed that for calcite at ¢ = 0.07, u,, was equivalent

to a volumetric flow rate of 32 mL min ~'. This calculated volumetric flow rate
was found to overestimate the real flow rate as solids overflowed. Instead, a

. . -1 . . .
volumetric flow rate of 30 mL min ~ was used in each experiment shown in

Figure 8-11.
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Figure 8-11 Normalised height as a function of time at the critical fluidization
velocity
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In the first fifteen minutes, the interface rose steeply. Originally, this was

interpreted to mean that the fluidization velocity exceeded the minimum

fluidization velocity (u,, ). However, the same initial increase was observed for

flow rates as low as 15 mL min . ‘This result could be due to an induction
period similar to settling, in which aggregates reorientate towards the direction of
flow. After the induction period, t, 4 the interface height stabilised and decreased
linearly with increasing fluidization time. The interface height was measured for a
maximum of 24 hours. Longer times were not possible because the interface
became increasingly cloudy after approximately 16 hours and was therefore

difficult to discern.

The negative slope of the interface for times greater than t,, in Figure 8-11 was

an important result. Because ¢ was less than ¢, , there was no mechanism for

compression. Assuming a constant water flow rate and uniform aggregates, the
only explanation for the decreasing interface height is that the settling velocity of
the aggregates increased. In other words, the permeability of the suspension was
changing over time. In this way, a dynamic equilibrium was established in which

the suspension height decrease corresponded to an increase in permeability.

Increased suspension permeability, at ¢ less than ¢,, must involve change in

aggregate structure.  Neglecting flow through the aggregates, a higher
permeability equates to a lower overall hydrodynamic resistance. Consequently,
the relative solid velocity must increase. An increased settling velocity could
occur in two ways; ecither by increasing the aggregate size or increasing the
aggregate density. As shown later, the aggregate size does not increase.

Therefore, the aggregate density must be increasing.
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Densification could involve either breakage or reformation of flocs, or
restructuring, in which the polymer branches fold, rotate or bend into a more
compact conformation. The results shown in Figure 8-11 do not distinguish
between the above two mechanisms; however, because shear rates are assumed
small, the second pathway is considered likely. FEither way, the time scale of
restructuring during hindered settling must be significantly longer than previously

assumed and of the order of hours.
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Figure 8-12  Sedimentation curves as a function of fluidization time

It now becomes necessary to relate structural changes over time to the

parameters Py(¢) and R(¢) This involved turning the water flow off,

measuring the settling interface height, and using the techniques described in

Chapter 2 to determine P, (¢) and R(¢) Figure 8-12 shows the results of the

sedimentation tests. Height is plotted versus an adjusted time, with 7,4 =t -1/,
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L . h .
and the initial volume fraction found from ¢y, =—2¢,. Two observations can be
t

made. First, as the fluidization time was increased, the initial settling rate
increased.  Second, the final equilibrium height of the sediment decreased

monotonically with increasing fluidization time.

The final height was used to estimate the gel point after fluidization. Figure 8-13
shows that the gel point increases non-linearly as the fluidization time increased.
For calcite, the gel point increased from ~0.21 to 0.35 (v/v), an increase of 70%
in eight hours. Previously, the gel point was regarded as a measure of the
strength of a flocculated network; the higher the gel point, the weaker (or more
compressible) the suspension. However, in this context, the gel point also
provides an indication of the solid density, since the gel point is proportional to
the solid volume fraction of the aggregate. Thus, a high gel point signifies a
structure, which has restructured to become denser, with an increased number of

bonds, and therefore mechanical strength.
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Figure 8-13 Variation in gel point with time of fluidization

Changes in R(¢) as a function of fluidization time wete equally significant
(Figure 8-14). The result for R(¢) as a function of time differs from the shear
dependency of Chapter 5 in two ways. Unlike, Chapter 5 where change in R(¢)
was only observed at moderate volume fractions, in this case R(¢) decreased
over the entire range of ¢ for which the analytical solution for R(¢) was valid.
Furthermore, for a given ¢, the change in R(¢) with fluidization time was
constant, over the range of @ expressed in the settling test (see Figure 8-15).
This suggests that aggregates reach structural equilibrium at lower solid volume
fractions. This is an important point, since R(¢) in this volume fraction range
(0.04 <¢ < 0.07) is where many thickeners operate. This was not the case in the

Couette shear device, because the time scale for dewatering was too short at low

solid volume fraction.
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Figure 8-14 Hindered settling function as a function of volume fraction at
different fluidization times

Figure 8-15 shows R(¢) as a function of time for four different volume

fractions. The relationship is linear, with a constant slope for each ¢ except ¢ =

0.02, where the slope is slightly higher. Thus, the data can be fitted with a simple

exponential relation;

t

R(pt)=kexp "

where k and m are constants. In practice, there must be an upper limit for
changes in R(¢) because there is a finite extent by which a floc can restructure.

Therefore, these curves must flatten eventually, or possibly increase with time if

floc break up occurs. Data from Aziz [6] shows that above a critical shear rate,

the effect of shear is detrimental, i.e. R(¢) increases. Evidently, behaviour of
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R(¢) is complex and depends on three intetrelated parameters; solid volume

fraction, time and shear rate.
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Figure 8-15 Hindered settling data as a function of fluidization time for four
different volume fractions

Figure 8-16 shows the height versus fluidization time for five different flow rates,

each with superficial fluid velocity u, <u, . Flow rates ranged between 15.5 and
30 mL. min ~'. As mentioned eatlier, the flow rate of 30 mIL. min ~' was probably
excessive and 25 mL min ' appears closer to the true u, . This figure
demonstrates several important points. When u, is less than u,,, the interface

drops rapidly (at time ¢ < t,,) until drag and buoyancy forces balance. The

significantly different dynamics between u, =u,,, and u, <u,, suggests that the

observed decrease in interface height during fluidization (¢ > t,,) cannot be

explained by insufficient velocity.
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Figure 8-16 Normalised height as a function of time for different water flow
rates less than the critical fluidization rate

An interesting feature of these curves is that the slope of the interface height
versus time curve increased monotonically with increasing fluid velocity for
t > t,, This implies that restructuring was more rapid at higher fluid velocities.
This seems reasonable and may be explained in two ways. The increased velocity
equates to a higher fluid stress and the magnitude of this stress is related to
aggregate breakage (surface erosion or fragmentation) and restructuring. The
other explanation is that the average solid volume fraction differed significantly in
each case, since the suspension settled to lower heights, and thus higher average
volume fraction. The higher volume fraction corresponds to increased strength
because the number of inter-particle attractions is higher. The decrease in slope
with increasing fluid velocity could be examined further by applying shear
simultaneous to fluidization. Keeping the water flow rate constant isolates the

effect of shear.
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In a separate series of experiments, calcite was flocculated at three different
polymer dosages, 20, 40 and 60 g tonne . Figure 8-17 shows the normalised
height as a function of fluidization time. Note that because the aggregates settled
faster at higher dosages, the flow rates were different for each case

(17 mL min ™', 30 mL min ~' and 62 mL min ' respectively). Furthermore,

because the interface height was not measured post fluidization, Py(¢) and

R(¢) could not be determined.

1.2
1.1
1 A A
= A AAA A A N
’0.. A a

e LR A
0.9 . A

s * A

[ * A

o [] 0. A
i 081 & S
*
S,
0.7 - .
|
067 u 20 g/t
*40 g/t

0.5 - 460 g/t
0.4 T T T

0 5 10 15

Hours

Figure 8-17  Normalised height versus time of fluidization for three flocculant
dosages; m 20 g tonne “'and 17 mL min '; ¢ 40 g tonne “and
30 mL min ~'; AGO g tonne “'and 62 mL min '

At 60 g tonne ', the slope is almost zero for the first 7 hours implying strong
aggregates able to resist breakage or deformation. When the dosage decreased,
the slope of the interface height versus fluidization time curve became

increasingly steep, implying more rapid restructuring. The results for the
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different flocculant dosages, while not comprehensive (since P, (¢) and R(¢)

were not determined), demonstrate that the settling behaviour of flocs in
fluidized environments depend on the flocculant dosage, a parameter routinely
varied during thickener operation. This result encourages further experimental
studies of flocculant dosage effects, a subject for further work outside the scope

of this thesis.

The extent of restructuring was expected to depend on the initial state of the
aggregates. In the following experiments, the aim was to identify flocculation
conditions, which produced an initial floc structure most susceptible to
restructuring. A baffle reactor was used to flocculate calcite for a range of shear
rates, times and flocculant dosages. Based on the work discussed in Chapter 3,
three conditions were selected for fluidization, corresponding to 5, 10 and 30
seconds mixing time, a polymer dose of 20 g tonne ~' and a mixing speed of 700
rpm. The polymer dose of 20 gtonne ' was chosen for the baffle reactor
flocculation to provide a weak aggregate, which was expected to restructure more
readily than flocs produced in the pipe reactor at 40 g tonne .

Figure 8-18 to Figure 8-20 show fluidization results for calcite flocculated at 5,10
and 30 seconds respectively. In each case, four different fluidization curves are
shown along with the base settling case. There was very little difference between
the 10 and 30 second results. However, the 5 second result showed a lack of
agreement between the four fluidization experiments. The reason for this is not
clear, but may be attributed to broader size distributions at the shorter mixing
time.  Microstructural variation between experiments affects fluidization
behaviour in the bed, as the fluid path will be different each time. To obtain
reproducible results, inhomogeneities or channelling phenomena must be
minimised as far as possible, although it must be accepted that flocculated

material is not an ideal candidate for fluidization.
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Figure 8-18 Normalised height as a function of time at the critical fluidization

velocity for flocs produced in baffle reactor and sheared for 5
seconds and 600 rpm
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Figure 8-20 Normalised height as a function of fluidization time for flocs

produced in baffle reactor and sheared for 30 seconds and 700
rpm

Because of the irreproducibility, the 5 second result will not be considered
further. For the other two results, the height increased over the first hour. This
result was different to the pipe reactor where the suspension height initially rose

and fell within the first ten minutes. In the second hour, the height decreased in

line with the pipe reactor results. However, the slope was lower (0.042)

compared to the pipe (0.054). Therefore, restructuring of baffle reactor flocs
occurred more slowly than the pipe flocs. Another important difference was

evident in the sedimentation curves. Neither the rate nor the equilibrium height

changed significantly as fluidization time increased.

The fluidization was only measured for two hours as longer times caused the
interface to become cloudy and difficult to distinguish. This could be due to

erosion of particle or fragments from the surface. Alternatively, it could be that
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the capture efficiency during flocculation was lower. Because of the low capture
efficiency, not all particles are incorporated into the floc. However, the particles
can still become entrained within the floc structure. Over time, the entrained
particles escape. An important factor determining the maximum fluidization time
is the polymer dosage. In contrast, the interface height for flocs formed in the
pipe reactor remained sharp for sixteen hours, where the dosage was

40 g tonne .

Figure 8-21 and Figure 8-22 show R(¢) as a function of fluidization time for

flocs forming at 10 and 30 second mixing times. These results show that

ageregates formed in the baffle reactor, changed less over time than in the case of

the pipe reactor flocs. For volume fractions up to ¢~ 0.15, R(¢) did not

change with time, while for ¢ > 0.15, R(¢) decreased with increasing

fluidization time. The gel point for these suspensions ranged from 0.26 to

0.3v/v
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Figure 8-23 compatres R(¢) at zero and two hours fluidization for the two

mixing times. For ¢ less than 0.13, the curves lie almost on top of each other,

implying that for low volume fractions, fluidization does not reduce the

hydrodynamic drag on baffle reactor flocs. Above ¢ ~ 0.13 v/v, the suspension

flocculated at 30 seconds mixing had a significantly lower R(¢) after two hours

fluidization, than for zero fluidization time. The same trend was observed for

suspension flocculated for 10 seconds, but the change in R(¢) was lower.

Therefore, based on the data collected, aggregates formed at longer mixing times

appear more predisposed to structural rearrangement.
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Hindered settling function for flocs produced in baffle reactor

with 10 and 30 seconds mixing and zero and 2 hours fluidization

Figure 8-24 and Figure 8-25 show the compressive yield stress for suspension

flocculated for 10 and 30 seconds in a stirred baffle reactor. In both cases, as
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fluidization time increased, P, (¢) shifted to higher ¢. This behaviour is similar

to the shear effect in the Couette, although less pronounced. The interpretation
is also different. Previously, the increased gel point signified a weaker network,
since lower compressive force was required to consolidate the aggregates. The
increased gel point in Figure 8-24 is interpreted to mean denser or smaller
aggregate were formed as a result of fluidization, which once formed will not
deform readily. Figure 8-26 compares the compressive yield stress for zero and
two hour fluidization for the two mixing times. The compressive yield stress was

higher for the shorter mixing time.
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Figure 8-24 ~ Compressive yield stress for flocs produced in baffle reactor at 10
seconds as a function of fluidization time
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Figure 8-27 and Figure 8-28 show FBRM results obtained during fluidization of
aggregates formed in a stirred baffle reactor, and pipe reactor, respectively. In
both cases, the mean square weighted chord length, (related to aggregate size),
decreased linearly with fluidization time. The decrease could mean that flocs are
breaking up into smaller aggregates. If this were to happen without densification,
settling rates would decrease. This is not supported by the interface height data.
The other possibility is that the aggregates are breaking and immediately

rearranging to form aggregates with a higher density.
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Figure 8-27 Mean square weighted chord length versus fluidization time for
20 g tonne ' flocculated in baffle reactor (30 seconds 700 rpm)

The FBRM results show that aggregates size formed in the baffle reactor

(170 pm) were smaller than in the pipe (240um). This is due to the higher
average shear in the baffle reactor. If the smaller baffle aggregates are denser

(relative to the larger pipe flocs), the potential to restructure during fluidization
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will be lower, as will the time dependence observed in R(¢) . It should be made

clear that the height of the FBRM probe was fixed, therefore changes in chord

length relate to a fixed position in the column.
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Figure 8-28 ~ Mean square weighted chord length versus fluidization time for
40 g tonne "' flocculated in pipe reactor

Figure 8-29 and Figure 8-30 plot the density of aggregates versus equivalent
Stokes diameter for flocs flocculated in a stirred baffle and pipe reactor
respectively. Two data sets are shown in each figure, corresponding to zero and
two hours of fluidization. For flocs produced in the baffle reactor, the flocs
appear to be less dense and larger after two hours of fluidization (Figure 8-29).
In the pipe reactor (Figure 8-30), the effect of fluidizing the aggregates was less
pronounced, with no apparent change in density, and possibly a decrease in

aggregate size.
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These observations were supported by the calculated weighted mass averages
shown in Table 8-1. For the baffle reactor flocs, the weighted mass average
density decreased from 1803 to 1449 kg m ~° due to fluidization, while the fractal
dimension decreased from 2.23 to 1.69. The weighted mass average size
increased from 126 to 147 um and the settling velocity decreased from 24.6 to

17.6 mh™".
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Figure 8-29  Baffle reactor & sample at t=0 hr ¢ sample at t=2 hr

For the pipe reactor, fluidization for 2 hours resulted in the mass average size
decreasing from 242.5 to 153.4 um, the fractal dimension decreasing from 2.50 to
2.25 and settling rate decreasing from 37.6 to 17.3 m h™', while the weighted mass
average density remained constant. This indicates that pipe reactor flocs were
larger and less dense than those formed in the baffle reactor. This could be
explained purely by the higher flocculant dosage in the pipe reactor, although

hydrodynamics is likely to also be a factor.
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Figure 8-30  Pipe reactor m sample at t=0 0O sample at t=2 hr

From the fluidization and FBRM data where the settling rate increases and the
particle size decreases, it is expected that the floc density would increase to
account for the settling rate increase. This was not the case for the FDA data
and this result remains largely unexplained. The calculations were based upon a

number of assumptions, including primarily;

— Stokes settling

— Particle shape

To calculate the density of the aggregates, it was assumed that each aggregate
settled according to Stokes law. For each aggregate, a particle Reynolds number
Re, was calculated and it was found that not every aggregate satistied the above
assumption. However, in most cases the calculated Re, did not greatly exceed
0.2; of the aggregates that did, 60 % were less than 0.5. Across all the particles

counted, the maximum Re, was 9. To calculate an equivalent Stokes diameter,
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the aggregates were approximated as prolate ellipsoids. Based on qualitative
analysis of the images, this was considered a reasonable assumption. Obviously,
flocs are highly irregular objects, and any assumed shape will not apply to every

floc. This fact could partly account for the conflicting density results.

To determine the error associated with the assumed Stokes settling, the density
was calculated using an empirical expression for the drag coefficient in the
intermediate region [37]. This was done for the Re, =9 particle, to indicate the
worst case scenario. In this case, the calculated density was 12 % higher than had
Stokes settling been assumed. It is clear on this basis that while assuming Stokes
settling may affect the result quantitatively, the observed trends will remain the
same. Another factor which may have contributed to the conflicting FDA result
is the method of sampling. Sampling inevitably introduces an unquantifiable
amount of shear to the flocs, causing breakage, collapse or consolidation forming
different flocs. Assuming samples were collected in the same way, the data
trends should be unaffected even if the absolute values change. This assumption

may not be valid since sampling will be more detrimental to larger flocs.

For the two samples subjected to no fluidization, the sampling method was the
same, samples being colleted immediately before settling occurred. For the two
samples fluidized for two hours, the sampling was different. The flocs were
sampled directly from the column at approximately 10 cm from the base both
times. If aggregates in the column were of uniform size, the sampling height
would not matter. However, the results show a clear distribution of floc size and
density. In the fluidization column, it is reasonable to expect that over time the
aggregates will segregate; so that the larger, denser aggregates accumulate near the
bottom. Therefore, samples collected at a height 10 cm from the base represent
aggregates that were overall less dense and smaller than were samples collected

closer to the bottom. Another possibility is that the sample size was not large
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enough to provide a statistically representative indication of the floc properties.
On average, approximately 240 flocs were analysed in each experiment. Larger
sample sizes were not obtained because of the lengthy time required to measure

and analyse the data.

Density, size and velocities are quoted in Table 8-1 as mass weighted averages.
The mass weighting was used to account for the fact that a large proportion of
mass may be contained within a small number of the aggregates. Calculating
number averages could skew the data towards smaller particles, which contain a
small fraction of the total mass and therefore is unrepresentative of the behaviour
of bulk suspension, in which the larger particles exert a greater influence.
However, number averages were also calculated, and similar trends were
observed, so the weighting method does not influence the trends observed in the

FDA analysis.

Table 8-1 Mass weighted averages from Floc Density Analysis

Pipe reactor (40 g tonne ~!) Baffle reactor (20 g tonne 1)

Fluidization time (houts) 0 2 0 2
Weighted velocity (m h™?) 37.6 17.3 24.6 17.6
Weighted Average Diameter 043 153 196 148
(Hm) .

Welghfed Average Density 1371 1381 1803 1449
(kgm =)

Fractal dimension 2.50 2.25 2.23 1.69

8.5.1 Further work

This scope for further work using fluidization is broad. Possibilities for future

research include investigating the following parameters;
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— flocculant dose
— flocculant type
—  fluid shear rate

— water flow rate

At lower fluid velocities the suspension had already settled, therefore

sedimentation curves post fluidization were not measured and R(¢) could not

be determined for u, <u,, . It may be possible to determine R(¢) directly from

m
the initial curve where u, <u, . This would require modification to the
algotithm used to calculate R(¢) by incorporating the contribution of fluid

velocity to the force balance

8.6 Conclusions

The fluidization of aggregates in a column with a continuous up flow of water
was investigated. The result showed significant improvement in suspension
dewatering due to the hydraulic agitation and improved with increasing time.
The suspension interface decreased at a constant rate during fluidization.
Because the solid volume fraction was less than the gel point, and the water flow
rate was constant, the decreasing interface height must be due to an increase in

hindered settling rate of the aggregates.

Fluidization times ranging between 30 minutes and 24 hours were considered and

resulted in a continual improvement in dewatering as time increased. By

fluidizing and subsequently settling, Py(¢) and R(¢) were determined as
functions of time. The data was fitted with a simple exponential relation;

R(¢,t)= kexp_mr’ As a result of fluidisation for 8 hours, R(¢) decreased from
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3x10”to 5x 10 %, at a volume fraction of 0.2. The compressive yield stress and
gel point also increased non linearly with fluidization time. For calcite, the gel

point increased from ~0.21 to 0.35 v/v, an increase of 70% in eight hours.

Comparison with the shear dependency in the Couette showed that the

R(¢) behaviour with increasing time is different, decreasing for all ¢ from ¢, to
#,. 'This suggests that the aggregates were reaching equilibrium in the

fluidisation cell, because the time available for restructuring was longer.

When the water flow rate was less than the minimum, the slope of the interface
decreased. This implies that restructuring is more rapid at higher fluid velocities
and higher fluid stresses. Different polymer dosages were studied and the slope
of the curve showed similar behaviour. At 60 g tonne ', the slope was close to
zero for the first 7 hours implying that the aggregates were not restructuring.
When the dosage was decreased to 40 and again to 20 g tonne ! the slope
became increasingly steep implying restructuring of aggregates was more

pronounced.

A baffle reactor was used to flocculate calcite for 5, 10 and 30 seconds mixing
time at a mixing speed of 700 rpm. A polymer dose of 20 g tonne ~' was chosen
to provide a weak aggregate, which may restructure readily. However, these
attempts to produce an initial floc structure more susceptible to restructuring
were largely unsuccessful. However, this did show that aggregates formed at
longer mixing times in the stirred baffle reactor were more predisposed to

structural rearrangement, than shorter mixing times.

FBRM results show that the mean square weighted chord length, (related to

aggregate size), decreased linearly with fluidization time. The decrease could
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mean that flocs are breaking up into smaller aggregates and immediately

rearranging to form aggregates with a higher density.

Aggregate density versus diameter was measured before and after fluidization.
Flocs produced in the baffle reactor, appeared to be less dense and larger after
fluidization for two hours (Figure 8-29). Tor the baffle reactor flocs, the

weighted mass average density decreased from 1803 to 1449 kgm ~° due to

fluidization, while the weighted mass average size increased from 126 to 147 pm

In the pipe reactor (Figure 8-30), the effect of fluidizing the aggregates was less
pronounced, with no apparent change in density, and decrease in the mass
average size from 242.5 to 153.4 um. This indicates that pipe reactor flocs were
larger and less dense than those formed in the baffle reactor. This could be
explained purely by the higher flocculant dosage in the pipe reactor, although

hydrodynamics is likely to also be a factor.
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Chapter 9

Conclusions

In this thesis, the effect of shear on dewatering was investigated at laboratory,
pilot and plant scales. Techniques for improving the characterisation of
suspension dewatering were developed and these were applied to simulate the
effect on thickening. The results show promise as the new techniques predict
significant improvement in dewatering by including the effect of shear in the
laboratory, so that dewatering is measured under conditions more representative
of full scale thickening. This partly bridged the gap between previous simulation
efforts, which tended to grossly under predict full-scale plant data. The results of

Chapter 8 are important in this regard, since the model does not take into

account floc densification and subsequent changes in P, (¢) and R(¢).

9.1.1 1-D Model Validation in the absence of shear

To validate the model, a tall pilot column dewatered a flocculated calcite feed.
To approximate one-dimensional flow with minimum shear, experiments were
conducted in a tall narrow column with no moving parts. The dewatering of
calcite was characterised and the column simulated to determine operating
criteria. The permeability limited flux regime was found to correspond to solids

fluxes 0.3 tonne m > h™ ' and above.

The 1-D model was validated by operating the column under pseudo steady

state conditions for two different solid fluxes, 0.3 and 0.03 tonne m > h ™' and bed
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heights ranging between 0.3 and 1.0 metre. Furthermore, different flocculation
conditions were considered. The results showed that the underflow density
increased marginally with increasing height, although at the time, the variance was
assumed to be within experimental error. In hindsight, this trend is consistent
with Chapter 7 and demonstrates a possible residence time effect. However,
given the lack of control over operating conditions, (slurry feed rate, flocculant
dosing) and uncertainty regarding steady state, the agreement was considered
reasonable, with model predictions for underflow solids differing by between 1

and 20 % of the experimental result.

9.1.2 Shear characterisation technique

The effect of shear on dewatering was investigated using a Couette shear device.
Flocculated calcite was sheared at several shear rates ranging between 0.8 and
8s ' for several flocculant dosages, the results showing a significant change in
dewaterability. The change depended also on the flocculant dose. These
experiments showed that shear caused dewaterability to improve up to a certain
critical shear rate, beyond which dewaterability was adversely affected. The

relationship between critical shear rate and flocculation conditions was

investigated using different flocculant dosages. The shear modified P, (¢, 7/) and
R(4,7) can be input to the 1=D model, therefore incorporating shear indirectly.

As a result, for the optimum shear of 5.8 s ' the model predicted solid flux

increased by an order of magnitude, when @, was ~ 0.3.

The Couette geometry was chosen to provide uniform and quantifiable shear.
Furthermore, mechanistic information was sought, since in Couette flow, no
normal stresses act in the direction of rotation, unlike with a rake. The overall

results showed that dewatering was faster in the Couette device than for a simple
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rake, indicating the importance of pure shear in dewatering, compared to
pressure gradients caused by the rake. Comparison between results for the
optimum determined raked and Couette shear, showed that the better

dewaterability in the Couette, was due to difference in R(¢) , as the compressive

yield stresses were almost identical. Issues including the region and volume of

material sheared may be important in this comparison.

9.1.3 Plant and pilot studies involving shear

The above Couette test was applied to characterise dewaterability of a feed to a

full sized plant thickener. An optimum shear rate y,, was determined by

identifying the minimum R(g,7). This along with P, (4,7, )was input into the

model and the maximum solids flux expected at this optimum shear was
predicted. In this way the predicted solids flux curve could be compared to plant
data. When characterised in the absence of shear, the model predicted a flux of
0.0015 tonne m > h™', which was over 100 times lower than the actual operating
flux of 0.2 tonne m> h™'. However, when an optimum shear was applied to the
settling suspension, the predicted flux increased by a factor of 10 at the
underflow solids concentration. Thus, the error was reduced to a factor of ten,

but the prediction was still an order of magnitude too low.

Thus, the results of this chapter suggested that the 1—D model with its current
inputs (P,(¢)and R(¢) corresponding to 7,,), is inadequate for predicting
dewatering in large scale devices such as thickeners. Still, the results show that

shear was important, since by applying shear in the Couette and simulating the

thickener, the error was half that of the un-sheared simulation.
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To try to understand this result, the pilot work was revisited because greater
control over experimental conditions was possible. To introduce shear to the tall
column, rotating concentric cylinders were installed and the effect of bed height
on underflow density was determined as a function of shear. The effect of shear
depended on bed height. At low bed heights, increasing the shear from 0 to
1.6s 7", by increasing the rotation rate from 0 — 20 rpm, caused the underflow
solid volume fraction to increase from ~0.11 to 0.16 v/v. The predicted
underflow density by the model was 0.1 and 0.12 v/v, slightly lower than the
experimental results. Increasing the bed height resulted in higher underflow
concentrations 0.17 v/v (2 m) and 0.23 v/v (4 m). Shearing the two-metre bed
was effective, increasing the underflow concentration to 0.21 v/v, however,

shearing at four metres did not produce a change at steady state, possibly due to

clogging.

The effect of shear on underflow density was secondary to bed height. For

example, at one metre bed, the increase in @, due to shear was 0.11 to 0.16 v/v.
Conversely, increasing bed height from one to two metres caused @, to increase

from 0.11 to 0.17 v/v, while increasing from one to four metres, @, increased

from 0.11 to 0.23 v/v

9.1.4 Fluidized bed

The tall column work showed an increase in underflow density with increasing
bed height that was not expected from the model prediction. The bed height
dependence could be explained if dewatering were not constant, but improved
over time, since at four metres bed height, the residence time was eight times
longer than at one metre. Improved dewatering is linked to possible time

dependent restructuring of aggregates, which would cause associated change in
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R(¢). Suspensions were fluidized for varying times cortesponding to the times
experienced by the flocs settling in the column at the different bed heights.

Longer and shorter times were also considered. This allowed P, (¢) and R (¢) to

be determined, demonstrating a dependence of hindered settling function and

compressive yield stress on time.

The fluidization of aggregates resulted in a significant improvement in suspension
dewatering. Over time, the interface decreased at a constant rate during
fluidization. Fluidization times ranging between 30 minutes and 24 hours were

considered and resulted in a continual improvement in dewatering as time

increased. By fluidizing and subsequently settling, P, (¢) and R(¢) were

y

determined as functions of time. The data was fitted with a simple exponential

relation; R(¢,t)=kexp_mf As a result of fluidisation for 8 houts, R(¢)

decreased from 3 x 10 ” to 5x 10 ¥, at a volume fraction of 0.2. The compressive
yield stress and gel point also increased non linearly with fluidization time. In

eight hours, the gel point increased from ~0.21 to ~0.35 v/v, an increase of 70%

Water flow rates less than the minimum caused the slope of the interface to
decrease implying that restructuring was more rapid at higher fluid velocities and
therefore stresses. A similar result was found for different polymer dosages. At
60 g tonne ", a slope of approximately zero resulted, while decreasing the dose to

40 and again to 20 g tonne ', caused the slope to become increasingly steep.

FBRM results show that the mean square weighted chord length, (related to
aggregate size), decreased linearly with fluidization time. The decrease could
mean that flocs are breaking up into smaller aggregates and immediately
rearranging to form aggregates with a higher density. Aggregate density versus

diameter was measured before and after fluidization. Flocs produced in the
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baffle reactor, appeared to be less dense and larger after fluidization for two

hours (Figure 8-29). For the baffle reactor flocs, the weighted mass average

density decreased from 1803 to 1449 kgm™ due to fluidization, while the

weighted mass average size increased from 126 to 147 pm.

9.1.5 Further work

The results reported in this thesis identify three major areas which could be

investigated further;

Continuous dewatering studies in the tall column could be extended by
considering the effect of shearing at different heights in the column. The
fluidization results in Chapter 8 suggest that shear densification occurs at
solid volume fractions below the gel point. It would be interesting to
observe the result of shearing; just above the bed surface, just below the
bed surface and just above the base of the column. Such work could
identify an optimum vertical height for raking in a thickener. The column
could also be operated at lower solids fluxes so that dewatering is limited
by the compressibility of the bed. In this case the bed height would be
important and the result of shear could be different than observed in

permeability limited operation, investigated in this thesis.

Shear characterisation in the Couette could be extended to investigate
material with significantly different settling rates. Such studies could
establish a relationship between the time material experiences shear at a
given solid volume fraction. The result may support the concept of long
time fluidization in order to measure shear dewatering behaviour at
equilibrium. Differential settling rates could be achieved by varying the
type of solid, polymer molecular weight or initial solid concentration for

example. Another experiment could consider shear in the Couette during
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different stages of dewatering. Then the results of Chapter 5 (in which
case shear was applied for the entire duration) could be compared to
experiments in which shear is applied only during hindered settling, or
only during consolidation.  Such a study could shed light on
proportionally how much of the improvement to dewatering is due to
shearing the suspension above the gel point (i.e. a networked bed) and
how much shear is affecting individual flocs, like in fluidization.
Likewise, a Couette cell could be designed in which only the bottom 10
centimetres rotates. The result could be applied to shear in the tall
column at different heights.

The technique of fluidizing flocculated suspensions for extended time has
been developed only recently and significant development is still possible
and required. The results of Chapter 8 suggest that this method has
significant potential to improve the existing characterisation methods;
primarily because dewatering measurements are obtained under
conditions more closely representative of hydrodynamic conditions inside
a thickener. The next step in developing the technique would be
introducing shear to the suspension during fluidization. This might be
achieved by up-flowing water through a suspension of flocs in a Couette
geometry, or alternatively by mechanical agitation or vibration. It is
thought that the improvement in dewatering observed due to shear or
fluidization alone could be even more significant. For example, a change

in R(¢) due to 8 hours of fluidization may occur in less time when shear

is applied. Other avenues of ongoing research include; varying the

flocculant dosage, polymer type and water flow rate. The latter could be
applied to determine R(¢) directly from a change in interface height

during fluidization.
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Appendix 1

Table A-1 Height versus time data from three replicate batch settling tests
Settling Test 1 Settling Test 2 Settling Test 3
M) (@) ) () k) ()
39.2 0 38.8 0 37.35 0
37.2 10 36.8 10 36.35 5
35.5 20 34.9 20 35.7 10
33.75 30 32.9 30 35 15
31.85 40 30.85 40 34.4 20
30.3 50 29.35 50 33.7 25
29.1 60 27.95 60 33 30
27.9 70 26.95 70 32.35 35
26.85 80 26.1 80 31.7 40
25.95 90 254 90 31.05 45
25.2 100 24.7 100 30.4 50
244 110 24.2 110 29.75 55
23.9 120 23.6 120 29.2 60
234 130 23.15 130 28.1 70
23 140 22.8 140 27.25 80
22.5 150 22.4 150 26.3 90
22.1 160 221 160 25.5 100
21.85 170 21.8 170 24.8 110
21.5 180 21.5 180 23.6 130
21.2 190 21.2 190 23.1 140
20.9 200 21 200 22.7 150
20.55 210 20.75 210 22.25 160
20.3 220 20.5 220 21.9 170
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20.05
19.8
19.5
19.1
18.75
18.45
18.15
17.9
17.65
17.45
17.25
17.05
16.8
16.6
16.5
16.4
16.3
16.15
16
15.9
15.6
15.4
15
14.2
13.95
13.6
13.3
12.95
12.9
12.6
12.4
12.35
12.25

230
240
260
280
300
320
340
360
380
400
420
440
460
480
500
520
540
560
580
600
660
687
777
1027
1137
1317
1467
1647
1767
1977
2127
2307
2427

20.3
20.1
19.8
19.45
19
18.7
18.45
18.2
18
17.75
17.55
17.4
17.2
17.05
16.9
16.75
16.6
16.45
16.35
16.2
16.1
16
15.15
14.8
14.45
14.2
13.85
13.5
13.35
12.85
12.6
12.4
12

230
240
260
280
300
320
340
360
380
400
420
440
460
480
500
520
540
560
580
600
620
632
812
932
1052
1142
1292
1442
1592
1892
2132
2432
3092

21.15
20.95
20.6
19.9
18.75
17.5
16.55
15.6
14.0
13.3
11.4
10.7

190
200
210
240
300
390
480
600
810
1260
3000
4350

285




12 2787 10.2 9000
11.85 3027
11.7 3327
11.6 3987
10.1 12000
Table A-2 Fitting Parameters, R (¢) Baffle reactor
la o fc
2.01E+11 3.38 -1194000
Table A-3 Fitting Paramters, P, (¢) Baffle reactor
g Pa Po Pm Pn
0.182 28.86 6.80 0.065 2.26
Table A-4 Fitted Parameters, R ( ¢) Pipe Reactor
la b le
1.91E+11 3.13 3591000
Table A-5 Fitting Paramters, P, (¢) Pipe Reactor
g Pa Pb Pm Pn
0.080 46.71 7.03 0.02 2.85
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Table A-6 Fitting Parameters, R(¢) for the different flocculant dosages in
the tall column validation of Chapter 4

Flocculation

condition T fa ™ fm fn
25 g tonne™!, 2m 0.2 3.17 0.156 0 2.76
50 g tonne™!, 2m 0.2 3.17 0.0853 0 4.46
75 g tonne™!, 2m 0.2 3.14 0.126 0 3.48
25 g tonne~!, 10m 0.2 3.17 0.0408 0 5.90
50 g tonne~!, 10m 0.2 3.16 0.118 0.0036 3.45
75 g tonne~1, 10m 0.2 3.18 0.192 0 2.38

Table A-7 Fitting Paramters, P, (¢) for the different flocculant dosages in
the tall column validation of Chapter 4

Flocculation

condition 9 Ps Pb Pm Pa
25 g tonne1, 2m 0.234 75.10 5.35 10.00 4.00
50 ¢ tonne, 2m 0.168 59.68 11.08  0.0026 3.43
75 g tonne™!, 2m 0.167 85.44 1206 0.0025 4.67
25 g tonne1, 10m 0.143 35.78 1.45 10.00 2.10
50 g tonne1, 10m 0.182 29.69 5.65 10.10 3.00
75 g tonne1, 10m 0.182 48.90 3.63 10.16 2.92
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Appendix 2

Classical dewatering theory and thickener design
methodologies

Early research into thickening can be traced back to Dorr Oliver’s invention of
the continuous flow thickener in 1905. In the years following, various workers
considered the effect of slurry temperature, bed height, thickener area, and
electrolyte concentration on the performance in continuous thickeners [32, 50,
51, 104, 119]. Hazen [62] observed that the volume of solids removed from a
thickener was proportional to its cross sectional area, and inversely proportional
to the solids flux; while Mishler [104] noted that sedimentation rates did not
depend on depth for dilute slurries; but increased with depth when slurries were
concentrated. Although, sedimentation and consolidation were not recognised,

the importance of concentration on dewatering quickly became clear.

Coe and Clevenger and macroscopic thickener design

In addition to practical studies, thickening also received theoretical interest. As it
became increasingly popular, a design methodology for new thickeners became a
pressing requirement. To this end, the efforts of Coe and Clevenger [34] are
frequently cited. Coe and Clevenger contributed to early thickening knowledge in
two ways. First, Coe and Clevenger observed that initial settling rates in batch
settling decreased monotonically with solids concentration. Second, Coe and

Clevenger identified zones in continuous thickening; now referred to as
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clarification, hindered settling, and consolidation. Because the same zones are
present in batch settling, Coe and Clevenger proposed a design method requiring
only data available from batch tests. Essentially, the method was an area
calculation based on the solid handling capacity of the settling zone. By applying

macroscopic solid balances across the boundary of the thickener;
FD,=UD,+0O (A1)

F=U (A.2)

Fand U are the mass flow rate of solids in the feed and underflow respectively
while O represents the mass flow rate of fluid in the overflow. D, in the original
notation of Coe and Clevenger, is the ratio of solid and fluid mass and the
subscripts f and u refer to feed and underflow streams while ¢ is the solid volume

fraction;

_pr1=9)

D (A.3)
Ps$
Because the mass flow rate of fluid O, is equal top,Q,, where O, is the
volumetric flow rate, equation (A.1) can be rearranged to express the volumetric
flow rate as;
F(D,-D,)
Py

The fluid flux in continuous thickening is by definition [%j Continuous

thickening and batch settling can be related by equating the flux in the thickener
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to the rate at which clarified water forms in a batch settling experiment, given by

u,. In terms of ¢, the required area to handle a specified solids throughput

1%7 , 1s given by

A_g__1 [LLJ
F pu (P)\ 4 4,

To avoid overloading, solids need to subside through the range of concentrations
(¢f <@<g, ) at a rate at least as quick as the solid mass flow rate entering the

thickener, per unit area. Therefore, the thickener area must be able to

accommodate a concentration layer corresponding to the minimum handling

capacity, i.e. min =) or equivalently;

G =max (ﬁj
F

4

The solid handling capacity is undoubtedly an important design consideration - if
a thickener cannot accommodate the minimum or limiting flux, solids will
accumulate and eventually overflow. However, thickener design cannot be
reduced to a simple area calculation. This approach does not account for the
effects of bed height and compression, where settling rates no longer depend
only on solid concentration. Furthermore, this approach does not account for
the effect of shear due to raking, or the variation in settling rates due to differing
flocculation efficiencies. Therefore, a rigorous design needs to be holistic,

considering the type of thickener, rake design, selection of flocculant and feed
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well type. These have been independently modelled using computational fluid
dynamics [45, 137, 164], however, to obtain a complete picture of thickening

these models need to be incorporated within an overall multidimensional model.

Kynch theory and kinematical thickener design

Kynch [97] viewed sedimentation as a series of solid concentration fronts
propagating through a suspension, similar to sound waves through air. Based on
zone settling arguments, Kynch showed that sedimentation could be described by

the following conservation law [140];

o9, Uu(4)

=0 A7
ot 0z A7)

The solid flux f,, (¢) is the product of solid velocity and volume fraction,

S (@) =ud. In principle, f,, (¢) can be determined from a single batch
settling experiment across the range of volume fractions expressed in the
test [69]. This represents a substantial improvement on the approach of Coe and

Clevenger, which requires multiple tests. A typical plot of solids flux versus ¢ is
shown in Figure A-5. The solids flux can be seen to satisfy; /,,(0) = f,.(#x) = 0
and /(@) <0 for ¢, <$<g,

Equation (A.7) can be written as;

s 00
at+fbk(¢) % 0 (A.8)

U e

where f,, (#) = o6 .
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Figure A-5 Kynch flux density plot

Thus, the problem of sedimentation reduces solving @ (374 subject to the

conditions;

#(z,0)=4¢,
$0,0)=9, (A.9)

d(H,1)=0 ¢>0

A solution to equation (A.8) is obtained using the method of characteristics.

o .

Along a characteristic, ¢ is constant = a—dz+—dt =0 and the propagation
z

velocity, f,, (#) is equal to%. Since ¢ and f, (#) are both constant; the
t

characteristics form straight lines;

z=zy— fot (A.10)
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If a suspension, initially at concentration @, behaves ideally, the solid settling
velocity ug is given by the gradient of h(t) at (hk,tk) while ¢, (Z,t) is calculated

from equation (A.11).

$t,

¢, = 7

(A11)

dh Z
us(¢k)—5 =7 (A.12)

where H, is the initial height and Z 1is the height corresponding to

concentration ¢, .

If Kynch theory applies over the entire solids volume fraction range

(¢0 <9<, ) , the thickener area can be found by;

G= 1 —max(wl (A.13)

poH, & Z

Using geometric arguments Talmage and Fitch [167, 168] showed that the settling

velocity is expressed equivalently;

zZ 7-Z,
us(¢k)—7— . (A.14)

where, f, is the time the original mass of solid (¢0hOA) takes to settle past a

concentration layer ¢, . Rearranging the above equation, the thickener area

equation (A.13) can be written;
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G=—1 = max (£, ) (A.15)

ps ¢0 H 0 [

The maximum value of #, occurs when z, =Z, since a tangent to h(t) at any

other value of @ intersects the horizontal underflow line at a lower abscissa

_9oH,

value. Graphically, the construction involves determining Z, fromZ, = ’
u

and ¢, is the intersection between the horizontal underflow line and h(t) The

b

required thickener area to handle the solid throughput is calculated from

equation (A.15), with max (tk) =t,.

An alternative design method proposed by Yoshioka [168] assumed knowledge
of the solids flux density function. The solid flux density for continuous

thickening is expressed by;

fi(#)=ad+ 1, (¢) (A.16)

Under steady state conditions, the flux does not vary so
i (¢) = f,; = f,. At the discharge point, the volume-averaged velocity is g, so

equation (A.10) is rewritten;

Ju ()= 1 —a.9 (A17)

Equation (A.17) is a thickener operating line. When superimposed onto a batch

flux density plot, a straight-line passes through (0, @, )With a slope, g, . If g, and

¢, are known, the solids feed flux f,. can be determined from the intercept
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between the operating line and ordinate axis. The required thickener area is
1
Ps f f

calculated using G =
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